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ABSTRACT
Monoclonal antibodies are currently the fastest growing segment of the
pharmaceutical industry; these products are used in the treatment of a wide range of
diseases including cancers and allergies. Antibody products are administered at high
doses since the volume that can be delivered by injection is limited. Although
ultrafiltration systems are used for final formulation of essentially all high value
recombinant products, it is often challenging if not impossible to achieve the very high
final formulation concentrations required for monoclonal antibody products. The overall
objective of this thesis was to study and fundamentally understand the ultrafiltration
behavior of highly concentrated monoclonal antibody solutions. This included: (1)
evaluating the filtrate flux and maximum achievable antibody concentration during
ultrafiltration of very high concentration (>200 g/L) antibody solutions, and (2)
developing appropriate theoretical models to describe the ultrafiltration behavior in terms
of independently measured biophysical properties of the antibody solution.
The osmotic pressure of a highly purified monoclonal antibody at concentrations
up to 250 g/L was evaluated over a range of pH and ionic strength, and in the presence of
specific excipients, using membrane osmometry. These data were used to calculate the
second and third virial coefficients. The second virial coefficients were in good
agreement with independent measurements from self-interaction chromatography using a
newly developed approach to evaluate the column dead volume. The second virial
coefficient was positive under all conditions, consistent with repulsive electrostatic
interactions between the positively charged antibody molecules. In contrast, the third
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virial coefficients were negative reflecting the presence of short-range attractive
interactions between oppositely charged domains on adjacent proteins.
Viscosity data were obtained over a wide range of protein concentrations, solution
pH, ionic strength, and in the presence of different excipients. The concentration
parameter in the viscosity correlation appeared to be well-correlated with the values of
the third virial coefficient, consistent with the importance of short range attractive
interactions. The viscosity and osmotic pressure data were incorporated in a modified
concentration polarization model that accounts for the effects of intermolecular proteinprotein interactions in the highly-concentrated antibody solutions as well as the presence
of a back-filtration phenomenon arising from the large pressure drop through the
tangential flow filtration module. This model was in very good agreement with
experimental data and was able to correctly predict the maximum achievable protein
concentration during batch ultrafiltration experiments conducted over a wide range of
conditions. These results provide important insights into the factors controlling the
ultrafiltration behavior for highly concentrated antibody solutions as well as a framework
for the development of improved ultrafiltration systems for use in bioprocessing
applications.
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Chapter 1
Introduction

1.1

Monoclonal Antibody Therapeutics
The past 3 decades have seen major developments in genetic engineering and

recombinant DNA technology that have led to the production of a wide range of
recombinant protein products that provide very targeted therapies with fewer side effects
due to the unique biological activity and binding properties of these macromolecules.
Protein therapeutics have been developed for the treatment of a wide range of diseases
including AIDS, hepatitis, diabetes, arthritis, hemophilia, multiple sclerosis, cancer,
infectious disease, cardiovascular ailments, etc. [1]. The early recombinant protein
products were highly active hormones, cytokines, and clotting factors such as human
growth hormone, α-, β-, and γ-interferons, thrombolytic agents, erythropoietin, and
insulin. The first commercial recombinant human therapeutic, insulin (sold under the
trade name Humulin®), was approved by the U.S Food and Drug Administration (FDA)
in 1982 [2]. These bioproducts were used at relatively low doses and typically had
annual production rates below 1 kg [3].
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More recently, there has been a growing interest in the development of
monoclonal antibody (mAbs) products due to their high target specificity in selectively
binding to a target cell or molecule. In contrast to hormones (which are analogous to
catalysts), antibodies act stoichiometrically and thus they require much higher dosing
levels and batch sizes; current annual production requirements for some mAbs can be as
high as 1000 kg. mAbs have been developed for the treatment of autoimmune disorders,
solid and hematological cancers, allergies, and infectious diseases. mAbs act by
activating immune system components, blocking receptors, or sequestering growth
factors [4]. Current efforts are focused on antibody-drug conjugates in which the
antibody provides the selective targeting while the conjugated drug provides the desired
biological activity. From 1980 to 2005, a total of 206 unique therapeutic mAbs were
studied in clinical trials with 12 anticancer mAbs approved for commercial use [5].
There are currently approximately 360 mAbs in clinical studies, with 30 in pivotal trials;
more than 30 mAb therapeutics have already been approved for human use [6].
The market for monoclonal antibodies is the fastest growing segment of the
pharmaceutical industry [7] with sales growing from less than $5 billion in 2000 to an
expected level of $90 billion in 2017, giving a compound annual growth rate (CAGR) of
11.8%. The average development period from initiation of clinical studies to first U.S.
approval was around 8.3 years for the 19 mAb products approved in the United States
during the past decade (2004–2013) [8]. The key features of efficiency, quality, and
safety required for successful commercialization and approval of mAb products are now
well defined [9], leading to greater probability of clinical success and faster product
development timelines than with other biopharmaceuticals.
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Monoclonal antibodies (mAbs) are generally expressed in mammalian cell lines to
obtain the correct glycosylation pattern and 3-dimensional structure. Continual advances
in cell culture technology, including improvements in media for both the growth and
production phase, feeding strategies, process design and control, and host cell
engineering, have resulted in significant increases in product titers. Current mAbs are
produced at concentrations of 3—5 g/L [10], which is an order of magnitude higher than
typical titers of just a decade ago. Titers as high as 9.8 g/L have been achieved with a
recombinant Chinese Hamster Ovary (CHO) line in a 21 day culture period [11].
The downstream purification process is designed to remove a wide range of
undesired contaminants including cell debris, DNA, and host cell proteins (HCP). Current
FDA criteria for final product purity recommend a final HCP concentration less than 10
ppm (part per million based on the mAb product), final DNA concentration less than 10
ng per dose of drug, and a final virus levels of less than 1 virus particle per million doses
[12].
In order to achieve the high purity required for mAb products, a series of
purification steps are used, each targeted to remove different classes of impurities. Figure
1.1 shows a schematic overview of a typical (consensus) process flowsheet used in
downstream purification of monoclonal antibodies. The first step involves removal of cell
debris and other large particulates, which is usually achieved by centrifugation often in
combination with depth filtration (possibly using an added flocculation step). The next
step is product recovery (or capture), which is most commonly achieved using protein A
affinity chromatography. The eluted product from the protein A step is then subjected to
different chromatography techniques for final polishing, e.g., ion-exchange
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chromatography, hydrophobic interaction chromatography, and / or metal affinity mixed
mode chromatography (e.g., using ceramic hydroxyapatite resin). A more detailed review
of chromatography techniques used for bioseparations is provided by Jungbauer [13].
Virus clearance is usually achieved by a combination of pH inactivation and virus
filtration. This purified stream is then formulated in an ultrafiltration / diafiltration system
to place the molecule into the desired formulation buffer, achieve the desired final
product concentration, and remove any small molecule impurities (e.g., buffer
components used in previous chromatographic steps).
In 1997 Clark and Blanch [12] estimated that up to 80% of the total
manufacturing cost is attributed to downstream purification processes while in 2001
Ladisch [14] reported this value to be 50-60%. This improvement could be partially due
to recent advances in expression titers in the cell culture media [11] and developments in
purification technologies. Model calculations presented by Kelly [11] indicate that the
cost of production for a 1 g dose of an antibody product had decreased from
approximately $134 in the 1990’s to only $26 in 2007. These trends demonstrate that
advances in production and purification technologies can have a significant affect on the
cost of production and in turn the ability to make drug products available to more patients
who need these therapeutic molecules.
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created a range of problems in formulation and handling of these highly concentrated
antibody products [17, 18].

1.2

Membrane Systems in Downstream Purification
Membrane processes have been used for bioseparations since well before the start

of the modern membrane industry [19], and they played a major role in the purification of
even the earliest biotechnology products [12, 20]. These processes are well suited for the
biotechnology industry since they are robust, high throughput, easy to scale up, and they
operate under mild conditions causing little degradation/denaturation of high value
biological products [21]. Initially, the membrane processes used in the biotechnology
were directly adopted from technology originally developed for other industries such as
food processing [22]. Over the past 3 decades new membranes, modules, and membrane
systems have been developed to specifically meet the requirements of the biotechnology
industry. These developments have been facilitated by an improved fundamental
understanding of mass transport during ultrafiltration and the effect of electrostatic
interactions and concentration polarization on protein transmission [3].
Most membranes used in bioprocessing are produced from organic polymers such
as polyamide, polysulfone, polyethersulfone, cellulose derivatives, and polyvinylidene
fluoride. Regenerated cellulose membranes are extensively used for bioseparations since
they are very hydrophilic, which leads to low levels of protein adsorption, fouling, and
product denaturation. However, they are less stable to extremes of pH, cleaning agents,
and temperature [21].
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The most commonly used membrane processes for bioseparations are pressuredriven ultrafiltration, microfiltration, and virus filtration, all of which effect separations
based primarily on the size of the product and impurities. Microfiltration membranes
have pore size of 0.05 – 1 μm and are used for initial clarification to remove cells and cell
debris while allowing protein and smaller molecules to pass through the membrane.
Microfiltration involves a surface filtration in which the retained species are fully
excluded from the membrane. In contrast, depth filtration systems retain undesired
components throughout their porous structure by both adsorptive and size-based retention
mechanisms [19]. Virus clearance is achieved by application of specifically designed
membranes (virus filters) that have pore size between 20 and 70 nm. Ultrafiltration
membranes have pore size between around 1 – 20 nm and are designed to provide high
retention of proteins and other macromolecules.
The most commonly used technique for final formulation (buffer exchange) and
concentration of essentially all recombinant protein products is ultrafiltration.
Ultrafiltration was initially developed in the 1920’s. John D. Ferry’s review article in
1936 described the use of membrane technology for enzyme concentration, preparation of
cell (and protein) free ultrafiltrates from biological solutions, analysis of bacteriophages
and viruses, and sterile filtration [23]. However, the widespread use of ultrafiltration
didn’t start until the late 1960’s with commercialization of asymmetric ultrafiltration
membranes [21]. These asymmetric (anisotropic) membranes were able to overcome the
major shortcomings of previous membranes by simultaneously increasing the permeate
flux and mechanical stability. The thin skin layer at the upper surface has pores that
provide the membrane its selectivity to achieve the desired separation while the support
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layer underneath the skin has an open structure (larger pore size) that provides the
required mechanical stability. This asymmetric structure gives the membrane much less
resistance to filtration compared to isotropic (homogenous) membranes.
Commercial ultrafiltration systems are operated in cross flow mode, which is also
known as tangential flow filtration (TFF). In these systems, the feed solution is pumped
parallel to the membrane surface and thus perpendicular to the direction of the filtrate
flow. This allows retained species to be swept along the membrane surface and out the
device, which significantly increases the filtrate flux and reduces fouling [19, 24]. The
most widely used cross flow systems include hollow fiber modules and TFF cassettes.
TFF cassettes use a screened channel design that helps with mixing and flow distribution
in the channel, leading to much higher mass transfer coefficients and consequently
greater filtrate flux [25].
When applied for final formulation, ultrafiltration systems are used to separate
undesired buffer components from the product and / or exchange the solution to achieve
the desired buffer composition and to reach the final desired product concentration. In
both cases the membrane is selected based on the molecular weight of the bioproduct as
well as the permeability characteristics of the membrane as described by van Reis and
Zydney [26] and Huisman et al. [27]. In diafiltration, the desired buffer is continuously
added to the feed solution as filtrate is removed [28]. The number of volumetric
equivalents (diavolumes) necessary to remove buffer components and ensure complete
buffer exchange can be calculated from available models and confirmed by appropriate
methods such as NMR [29]. In industry the incoming pool for formulation is first
concentrated by ultrafiltration to an intermediate concentration (to minimize the required
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buffer volume for the diafiltration), then buffer exchanged, and finally concentrated to
achieve the required final concentration for formulation. The intermediate concentration
and the number of diavolumes used for the diafiltration depend on both economics and
the targeted small molecule removal [18].
Although previous studies have shown that ultrafiltration is much more attractive
for final formulation than either size-exclusion chromatography [30] or lyophilization
[18], there are significant challenges in applying these systems to very high concentration
protein solutions. This includes limited product solubility, product losses during
recovery, restrictive bulk mass transport of protein solutions at high concentrations, and
high solution viscosity.

1.3

Thesis Program
Despite the increasing demand for very highly concentrated mAb formulations,

there is currently no fundamental understanding of the ultrafiltration behavior of these
highly concentrated solutions and what controls the maximum achievable protein
concentration in these systems. It is well known that these concentrated protein solutions
show thermodynamically non-ideal behavior where intermolecular interactions play a
critical role [31, 32], although the specific impact of these interactions on mass transport
during ultrafiltration remain to be determined. The overall objective of this thesis was to
understand the factors controlling the filtrate flux and maximum achievable antibody
concentration during ultrafiltration of highly concentrated mAbs (concentrations higher
than 150 g/L) and to develop a theoretical framework that can predict the ultrafiltration
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behavior at different conditions. This included: (1) obtaining quantitative data for
ultrafiltration of a highly purified mAb solution at different conditions (2) evaluating
intermolecular interactions in highly concentrated mAb solutions and its effect on filtrate
flux, (3) determining and evaluating the key physical and operating properties controlling
the maximum achievable concentration, (4) developing a model that describes the
ultrafiltration behavior through the entire concentration range, and (5) providing a
framework to guide further improvements in the filtrate flux and maximum achievable
concentration.
Chapter 2 includes a brief review of the general theoretical background used to
analyze the ultrafiltration data with a particular emphasis on bulk solute mass transport
phenomena in membrane systems. This general framework was subsequently applied to
examine the effects of key process variables on the system performance.
Chapter 3 includes the description of the apparatus, basic experimental systems,
materials and methods used in the experimental studies performed in this thesis.
Additional details on some of the experimental procedures are provided in the appropriate
chapters.
Chapter 4 presents experimental data for the osmotic pressure of a monoclonal
antibody solution for concentrations up to more than 200 g/L. Data were obtained over a
range of solution conditions including different pH and salt concentrations and in the
presence of different excipients. The extent of intermolecular interactions was estimated
by evaluating the virial coefficients, with the results compared with model calculations
and with independent results obtained by self-interaction chromatography.
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Chapter 5 describes the methodology used to modify and improve self-interaction
chromatography as a technique for the high-throughput evaluation of the second virial
coefficients.
Chapter 6 presents experimental results for the viscosity behavior of monoclonal
antibody solutions for concentrations up to more than 200 g/L. The viscosity data were fit
to a semi-empirical model, with the results analyzed in terms of the intermolecular
interactions to obtain additional insights into the rheological behavior.
Chapter 7 presents a modified polarization model that was used to describe the
ultrafiltration behavior through the entire concentration range. This model accounts for
the effects of intermolecular interactions on protein mass transfer as well as possible
back-filtration in the TFF module. Back-filtration can occur near the exit of the module at
high mAb concentrations due to the high viscosity and consequently large axial pressure
drop over the length of the module.
Chapter 8 examines the effect of different buffer compositions and operating
conditions on the filtrate flux during batch ultrafiltration of a monoclonal antibody up to
concentrations higher than 200 g/L. Data were obtained in both flat sheet cassettes having
different internal screens and in hollow fiber modules with different length. These results
provide important insights into the key parameters that determine the filtrate flux and
maximum concentration that can be achieved during ultrafiltration.
Chapter 9 summarizes the major contributions of this thesis and makes several
recommendations for future studies on ultrafiltration processes for highly concentrated
protein solutions.
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Chapter 2
Theoretical Background

2.1

Introduction
This chapter reviews the theoretical models that have been developed to describe

the basic mass transfer phenomena governing the behavior of ultrafiltration systems.
Most of the discussion presented in this chapter is based on the reviews provided by
Zeman and Zydney [33] and several dissertations published under the direction of
Professor Andrew Zydney including the theses by Narahari Pujar [34], Senyo Opong
[35], Skand Saksena [36], Jessica Molek [37], and Mahsa Rohani [38].
The overall performance of an ultrafiltration system is determined by the rate of
solute transport from the bulk solution to the membrane surface and the rate of transport
through the membrane pores (membrane transport). Some of the other factors that can be
important in ultrafiltration include protein adsorption within the porous structure of the
membrane and protein deposition which results in the formation of a protein deposit on
the upper surface of the membrane [39]. However, the application of ultrafiltration
systems for product formulation and concentration involves the use of membranes which
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are fully retentive to the protein product; therefore, the rate of solute transport through the
membrane pores is practically zero and protein adsorption within the pores is negligible.
This chapter discusses the theoretical background on transport phenomena that
control the filtrate flux during ultrafiltration processes. Solvent transport through
membranes is briefly discussed in section 2.2 and bulk mass transport phenomena are
discussed in section 2.3. These discussions are intended to provide a general overview of
the previous work; additional information on the theoretical approaches that have been
specifically developed for ultrafiltration of highly concentrated solutions are presented in
Chapter 7. The last part of this chapter includes a brief review of the theoretical analysis
used to determine the net charge of the monoclonal antibody used in this work based on
the known amino acid composition and electrophoretic mobility measurements. A more
detailed discussion of protein net charge is available in Menon [40].

2.2

Membrane Transport
The transport characteristics of ultrafiltration membranes are typically described

in terms of four macroscopic transport properties including the hydraulic permeability,
the osmotic reflection coefficient, the solute diffusivity through pores, and the solute
sieving coefficient. The hydraulic permeability is a measure of the resistance to solvent
flow which depends primarily on the membrane porosity, pore radius, pore length, and
tortuosity. The osmotic reflection coefficient determines the extent to which the solvent
flow is reduced by osmotic pressure differences and is a complex function of the ratio of
solute to pore size as well as the presence of any long range interactions between the
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solute and pore. The solute diffusivity and sieving coefficient characterize the diffusive
and convective solute flux through the membrane, respectively. However, for a fully
retentive membrane, the rate of solute transport through the pore is negligible,
corresponding to a sieving coefficient of zero and an osmotic reflection coefficient equal
to one [41].
The Kedem-Katchalsky equations are commonly used to describe solvent
transport through membranes as discussed elsewhere [42-44]. These equations are
developed from the principles of irreversible thermodynamics, with the fluxes assumed to
be linearly related to all of the driving forces [42]:

Jv 

LP



PTM 

LPD





(2.1)

where ΔPTM and ΔΠ are the transmembrane and osmotic pressure differences across the
membrane, respectively, η is the solution viscosity, and Jv is the volumetric filtrate flux
across the membrane (volumetric filtrate flow rate divided by the membrane area giving
units of m/s). Equation (2.1) can be rewritten in terms of the osmotic reflection
coefficient (σ0) as:

Jv 

LP



 PTM   0 

(2.2)

The osmotic reflection coefficient is thus related to the Kedem-Katchalsky coefficients as
[45]:

0  

LPD
LP

(2.4)
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Lp is the membrane hydraulic permeability which depends on the membrane properties.
For a membrane with uniformly distributed cylindrical pores, the filtrate flux can be
evaluated directly from the Hagen-Poiseuille equation as:

Jv 

rp2
PTM
8 m

(2.5)

where rp is the pore radius, ε is the porosity of the membrane (pore area per unit crosssectional area of the membrane), and δm is the membrane thickness. Thus the membrane
hydraulic permeability can be related to the properties of the membrane as:

rp2
LP 
8 m

(2.6)

Equation (2.5) is valid when pore end effects are negligible, i.e. δm >> rp, which is true
for all commercially available ultrafiltration membranes.

2.3

Bulk Mass Transport
During ultrafiltration, the applied pressure gradient across the membrane causes a

convective flow from the bulk solution toward the membrane and through the pores. This
pressure driven flow causes the accumulation of retained proteins on the upstream surface
of the membrane. This phenomenon is generally referred to as concentration polarization,
with the solute concentration having its maximum value immediately adjacent to the
membrane (Cw), decreasing with increasing distance from the membrane surface (moving
toward the bulk solution), and becoming approximately equal to the bulk solution
concentration (Cb) at a distance equal to the concentration boundary layer thickness (δ).
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(Equation 2.2). At low transmembrane pressures, where concentration polarization effects
are small, the filtrate flux is directly proportional to the effective pressure driving force.
As the applied transmembrane pressure (ΔPTM) is increased, the extent of concentration
polarization will increase. This increase in protein concentration at the surface of the
membrane reduces the filtrate flux by increasing the osmotic pressure at the feed side of
the membrane [46]. In addition, the accumulated solute can, under some circumstances,
form a dense cake or gel layer that provides an additional hydraulic resistance to the
solvent flow [47]. At very high transmembrane pressures, the rate of solute transport back
into the bulk solution can become limiting, with the filtrate flux approaching a value that
becomes independent of the applied transmembrane pressure. The high protein
concentration at the membrane surface can also increase the extent of membrane fouling
leading to an increase in the membrane resistance (decrease in membrane permeability).
The solute concentration profiles in the bulk solution are described by the
governing species continuity equation:
C 

  C 

 UC   VC    D
t x
y
y  y 

(2.7)

where U and V are the fluid velocities in the y (normal to the membrane) and x
(tangential) directions in a parallel plate membrane device, C is the local solute
concentration, and D is the solute diffusion coefficient. Note that solute diffusion in the
x-direction is assumed to be negligible compared to the rate of solute convection in that
direction due to the high axial velocities. The 3-dimensional version of Equation (2.7)
would be required to describe solute transport in a module with an internal screen (or
spacer) due to the complex secondary flows generated by the screen. Equation (2.7) can
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be solved by applying appropriate boundary conditions describing the continuity in
filtrate and solute flux at the solution-membrane interface:
V  J v

at

y = 0 (membrane surface)

(2.8)

 C 
   N s
VC w   D
 y  w

at

y = 0 (membrane surface)

(2.9)

where Jv and Ns are the filtrate flux and solute flux through the membrane. The negative
signs in Equations (2.8) and (2.9) are due to the fact that V is in the negative y direction
while Jv and Ns are traditionally taken as having positive values. Ns is equal to zero for a
fully retentive membrane.
In order to actually solve Equation (2.7), one needs to know the detailed velocity
profiles, which are coupled to the solute concentration profiles due to the dependence of
the solution viscosity on the protein concentration. Solutions of the governing mass
transfer equations are available for a number of simplified systems in which the solution
viscosity and solute diffusivity are constant (independent of solute concentration) and the
flow is fully developed. Detailed numerical solutions are also available which account for
at least some of these additional phenomena, but these are typically impractical to use for
the design and analysis of commercial-scale membrane systems.

2.3.1 Stagnant Film Model
In order to simplify the analysis of solute mass transfer in real membrane devices,
the most common approach is to use a one-dimensional stagnant film model to develop
an approximate solution to the governing equations. At steady state, the solute flux
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through the membrane and into the filtrate solution is set equal to the net solute flux
toward the membrane:

J vC f  J vC  D

C
y

(2.10)

where C is the local solute concentration at a positive position, y, above the membrane, D
is the solute diffusivity, and Cf is the concentration of solute in the filtrate. Equation
(2.10) can be integrated across the concentration polarization boundary layer (from y = 0
where C = Cw to y = δ where C = Cb) giving the following expression for the filtrate flux:
Jv 

 Cw  C f
ln
  C b  C f
D






(2.11)

Equation (2.11) is usually referred to as the simple concentration polarization (or stagnant
film) model; it has been used extensively to describe solute and solvent transport in a
variety of ultrafiltration systems. A more detailed discussion of this model, including the
validity of the one-dimensional transport analysis, is provided by Zydney [48]. Equation
(2.11) can be simplified for a fully retentive membrane (Cf = 0), with the filtrate flux
being proportional to the logarithm of the bulk solute concentration.
The ratio of the solute diffusion coefficient to the boundary layer thickness (D/δ)
is typically set equal to the solute mass transfer coefficient, k, which is a function of the
solute diffusivity and the hydrodynamics of the device. The mass transfer coefficient can,
at least in principle, be obtained by solving the appropriate mass transfer equations for
the system geometry of interest or from appropriate empirical correlations. This is
discussed in more detail in Section 2.3.4.
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2.3.2 Osmotic Pressure Model
Despite the extensive use of the stagnant film model for the analysis of solute
transport in membrane devices, there is still disagreement over the mechanism by which
the accumulated solute limits the filtrate flux [46, 49]. One possible explanation for the
limiting flux is the decrease in the effective driving force (ΔPTM - ΔΠ) due to the
significant increase in osmotic pressure at the high solute concentrations at the membrane
surface, even for solutions of large macromolecules [31, 50]. In this case, any further
increase in ΔPTM is balanced by a corresponding increase in ΔΠ in a way that the filtrate
flux remains essentially constant (at the limiting flux) independent of the applied
transmembrane pressure.
Although the filtrate flux in the osmotic pressure model can be evaluated from
Equation (2.2), the osmotic pressure term, ΔΠ, is not known a priori and is typically
much larger than that evaluated using the bulk solute concentration due to concentration
polarization. The osmotic pressure is typically expressed in the form of a virial expansion
as a function of the solute concentration [31]; this is discussed in more detail in Chapter
4. The filtrate flux in the osmotic pressure model is thus evaluated by simultaneously
solving Equation (2.2) and Equation (2.11) for Cw and Jv (with Cf = 0 for a fully retentive
membrane) and with ΔΠ = Πw (a function of Cw).
The osmotic pressure model has been used in multiple studies to explain the
filtrate flux in ultrafiltration including results in stirred cells [51], in unstirred systems
[31, 52], and in a rotary disk membrane filter [50]. Although this model gives good
qualitative agreement with experimental data, both Robertson [53] and Vilker et al. [31]
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found that a much larger value of the diffusion coefficient than that determined from
direct diffusivity measurements was required to obtain quantitative agreement with
experimental data. In contrast, Kozinski and Lightfoot [50] obtained good agreement
with experimental data using an average value of the diffusion coefficient (based on the
bulk and wall concentrations). Vilker et al. [51] found that the flux for BSA solutions was
larger at pH values far away from the isoelectric point (e.g., at pH 7.4), which they
attributed to the concentration and pH dependence of the BSA diffusivity, although this
hypothesis was not verified experimentally. This is discussed in more detail in Chapter 8.
It is important to note that the filtrate flux predicted by the osmotic pressure
model never actually attains a true pressure-independent value unless the solute
concentration within the boundary layer undergoes a phase transition causing the
effective osmotic pressure to increase without bound. This phenomenon is often referred
to as gelation, with the filtrate flux now limited by the properties of the gel layer that
forms on the membrane surface This is discussed in more detail by Zeman and Zydney
[33] as summarized in the next section.

2.3.3 Gel Polarization Model
In the gel polarization model, the solute concentration at the membrane surface
(Cw) is assumed to attain a constant (maximum) value at high ΔPTM that is determined by
the physical characteristics of the gel (Cg). This gel layer provides an additional
hydrodynamic resistance to flow in series with that of the membrane. The filtrate flux is
given by Equation (2.1) accounting for the total resistance in the system:
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Jv 

PTM  
Rm  Rg

(2.12)

where Rm=1/LP is the membrane resistance and Rg is the resistance of the gel layer. Most
applications of the gel model assume that ΔΠ ≈ 0, although this isn’t required. Thus,
within the pressure-independent regime, any increase in ΔPTM is simply balanced by an
increase in the gel layer resistance with the filtrate flux remaining constant.
The gel polarization model has been used by used by several investigators [54-56]
to explain filtrate flux data in ultrafiltration, although the calculated values of the gel
layer concentration are often inconsistent with independent measurements of the
properties of the macromolecular solution. For example, the gelation concentration
obtained for albumin by extrapolating a plot of the limiting filtrate flux versus ln(Cb) to
zero filtrate flux ranges from as low as 17.4 wt % [57] to as high as 58 wt % [54] with
most of the data falling between 30 to 40 wt % [55, 58]. While these values appear to
depend on device geometry and shear rate, many of the Cg values reported in the
literature are significantly smaller than the known gelation concentration for the given
protein molecule [51, 59], suggesting that the gel layer may not exist as a distinct
thermodynamic phase [39].

2.3.4 Mass Transfer Coefficient
As discussed previously, the ratio of the solute diffusion coefficient (D) to the
boundary layer thickness (δ) is typically set equal to the solute mass transfer coefficient.
The mass transfer coefficient in open cross flow devices (no screens), either parallel plate
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cassettes or hollow fiber modules, is generally evaluated using the Leveque
approximation developed from the corresponding heat transfer problem [60]:
1/3

 D 2 w 
k  0.538 

 x 

(2.13)

where  w is the wall shear rate and x is the distance measured along the axial flow-path of
the membrane device. The solute diffusion coefficient is typically evaluated using the
Stokes-Einstein equation:

D

k BT
k T
 B
f
6rs

(2.14)

where f is the frictional coefficient, kB is the Boltzmann constant (1.39×10-23 J/K), T is the
solution temperature, η is the solution viscosity, and rs is the hydrodynamic radius of the
solute. The solute diffusion coefficient and consequently the mass transfer coefficient
depend on solute concentration, solution pH, and solution ionic strength due to the effects
of intermolecular interactions.
There have been a number of efforts in the literature to address the concentration
dependence of the mass transfer coefficient. For example, Aimar and Field [61] took into
account the high viscosity in the solution near the membrane surface by proposing a
correction factor of (  b /  w )0.27 for the mass transfer coefficient. Similarly, Gekas and
Hallstrom [62] suggested multiplying available mass transfer coefficients (developed
based on constant physical properties and in turbulent flow) by a correction factor of the
form ( Scb / Sc w )0.11 where Sc w and Scb are the Schmidt numbers at the wall and in the
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bulk solution, respectively. The use of the Schmidt numbers accounts for the
concentration dependence of the viscosity and the diffusion coefficient.
Zydney [63] used a different approach in which the concentration dependence of
the diffusion coefficient was directly incorporated into the differential form of the mass
balance, with the resulting ordinary differential equation integrated over the boundary
layer thickness. Bowen and Williams [64] developed a model for the pressure
dependence of the filtrate flux in a cross-flow system by focusing on the detailed
dependence of both the osmotic pressure and diffusion coefficient on the local solute
concentration. Their model was able to properly describe the filtrate flux behavior in a
rectangular channel for different physicochemical conditions. Saksena and Zydney [65]
developed a numerical solution of the governing continuity equations in a stirred cell
system by accounting for both the thermodynamic and hydrodynamic consequences of
protein-protein interactions. This detailed model provided an improved description of the
concentration profiles for protein mixtures where intermolecular interaction effects were
significant. More details regarding the concentration dependence of the mass transfer
coefficient are provided in Chapters 7 and 8.

2.4

Protein Net Charge Analysis

2.4.1 Protein Charge Calculation from Amino Acid Composition
Protein molecules consist of a sequence of amino acids folded into a specific three
dimensional structure. Most of the amino acid residues that are ionizable (charged) are
located on the external surface of the protein. The protein surface charge density is
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determined by the dissociation of these residues along with the binding of any ions from
the bulk electrolyte. The dissociation equilibrium of a typical amino acid residue (for
example, an α-carboxylic acid) is described by the intrinsic dissociation constant of that
ionizable group:

K

i
int

R  COO H 





R  COOH 

(2.15)

Equation (2.15) can be rewritten in terms of the pH, the total number of amino acids of
that type (ni), and the number of dissociated groups (ri):
i
pH  pK int
 log

ri
ni  ri 

(2.16)

where pH = -log[H+] with [H+] being the local concentration of H+ at the protein surface
and pKiint = -log[Kiint]. Due to the electrostatic interactions between the charged amino
acid residues on the surface of the protein and the charged hydrogen ions in solution, the
local concentration of H+ at the protein surface is different than the bulk H+ concentration
( H b ). This effect can be described using a classical Boltzmann distribution:

  es
H   H b exp
 k BT





(2.17)

where e is the electron charge (1.602×10-19 C) and ψs is the electrostatic potential at the
protein surface:
s 
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(2.18)
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where Z is the net charge (evaluated as the number of electronic charges) on the protein
surface,  is the electrical permittivity of the solution (7.09×10-8 C/ m for water at 298
K), and  is the inverse of the Debye length defined as:
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(2.19)

where F is Faraday’s constant (9.65×104 C/mol), R is the ideal gas constant (8.314
J/mol.K), zi is the ion valence, and Ci is the ion concentration. The inverse Debye length
for a 20 mM solution is 5.15×108 m-1. Equation (2.18) is developed assuming that the
protein is a hard sphere with the electrical charge distributed uniformly over the spherical
surface [66]. The protein net charge (Z) is equal to the difference between the maximum
number of positive charges (N-terminal amine, lysine, arginine, and histidine) and the
sum of all the dissociated groups:
n


Z  Z maz
  ri

(2.20)

i 1

Equations (2.16) to (2.20) are solved iteratively to evaluate the net charge as a function of
the bulk pH and solution ionic strength (which determines the Debye length). More
details on the development of these equations is available in Menon and Zydney [67]. A
list of pKa values for the various amino acids is given in Appendix A.
Typical results for the net protein charge as a function of solution pH are shown
in Figure 2.2 for the model monoclonal antibody used in this work at three different
buffer salt concentrations (ionic strength). The blue curve shows the model calculations
in the absence of any charge regulation effects, i.e. assuming that the local H+
concentration (and thus the local solution pH at the protein surface) is equal to that in the
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bulk solution. The protein isoelectric point (pI), the pH at which the net protein surface
charge is zero, is predicted to be 8.4 ± 0.1, which is in good agreement with the reported
value (8.2 ± 0.1) for this molecule. This small discrepancy could be due to ion binding
interactions or to a shift in the pKa of certain amino acids due to local charge-charge
interactions [68, 69].
As shown in Figure 2.2 the protein charge increases with decreasing pH due to
further protonation of the various ionizable groups on the protein surface. At pH < pI the
protein net charge increases with increasing salt concentration, while the opposite
behavior is predicted for pH > pI due to charge regulation effects. As mentioned
previously, the electrostatic interactions between H+ ions in the bulk solution and the
protein surface cause the local pH at the protein surface to be different from the bulk pH.
These electrostatic interactions are shielded at higher salt concentrations. Therefore, at
pH < pI, where the protein has a net positive charge, the H+ ions are repulsed from the
protein surface ( H b > H+), with this effect being reduced at higher salt concentrations.
On the other hand, at pH > pI the protein is negative and attracts H+ to the protein surface
thus lowering the local pH.
Figure 2.2 also compares the calculated values of the net protein charge with the
experimentally determined values using electrophoretic mobility measurements as
explained in the next section and discussed briefly in Chapter 4.
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Figure
F
2.2 Caalculated nett charge of the
t monoclonnal antibodyy as a functioon of solutioon
pH
p at differen
nt ionic stren
ngths compaared with expperimental rresults from
electrophorettic mobility measuremen
m
nts. The bluee curve repreesents
calculated vaalues of the net
n protein chharge assum
ming the H+ cconcentrationn at
th
he protein su
urface equalss that in the bbulk.

2.4.2 Proteein Chargee from Elecctrophoretiic Mobilityy Measurem
ments
In the presence off an applied electric
e
fieldd, suspendedd charged parrticles in an
ellectrolyte so
olution are atttracted towaard the opposite electrodde while the hydrodynam
mic
(v
viscous) forcces associateed with the movement
m
off the particlee tend to opppose this mottion.
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When these two opposing forces are equal, the particle moves with a constant velocity
described by the electrophoretic mobility (equal to the ratio of the velocity to the applied
electric field). The calculation of the net protein charge from the measured
electrophoretic mobility requires a model for electrophoretic motion. A large number of
theoretical analyses have been presented in the literature for the electrophoretic mobility,
with the differences lying primarily in the approximations made in evaluating the
electrical interactions. These differences include both the detailed structure of the
equilibrium electrical potential (e.g., the use of low electrical potential, small Debye
length, or flat plate approximations) and the distortion of the equilibrium structure
associated with the particle and fluid motion during electrophoresis. The simplest
approach is to treat the protein as a non-conducting charged sphere with a uniform
surface charge density. A relationship between the electrophoretic mobility and the
potential at the surface of the sphere is obtained by solving the governing equations for
the electrical drag forces acting on the particle [66]. In the simplest limiting case, when
the electrical double layer thickness is much smaller than the protein radius (i.e. rs ≥ 1),
the electrophoretic mobility (μE) is given by the Helmholtz-Smoluchowski equation:

E 




where  is the electrostatic potential at the protein surface,  is the electrical
permittivity of the solution, and η is the solution viscosity [70].

(2.21)
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If the electrical double layer is much larger than the particle radius (i.e. rs ≤ 1),
the electrophoretic mobility is given by the Debye-Huckel equation assuming that the
potential is low:

E 

2 
3 

(2.22)

Henry [71] obtained a more complete solution for the electrophoretic mobility that
accounts for the distortion of the electric field lines by the presence of the particle, with
the resulting expression valid over the entire range of Debye length:

E 

2 
f H rs 
3 

(2.23)

where fH is Henry’s function which accounts for the finite double layer thickness:
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(2.24)

where t is a dummy variable over which the integration is performed.
The electrostatic potential at the surface can be used to evaluate the net protein
charge using Equation (2.18) giving:

Z

6 1  rs rs
E
ef H

(2.25)

A more detailed discussion on the evaluation of the electrophoretic mobility is provided
by Menon [40] and Molek [37].

31

Chapter 3
Materials and Methods

3.1

Introduction
This chapter describes the general materials and methods used for the

experimental studies included in this thesis. Additional details on specific materials,
apparatus, and procedures are provided in the subsequent chapters as appropriate.

3.2

Experimental Materials

3.2.1 Buffer Solutions
Appropriate buffers were used to control the pH of the protein solutions. All
buffers were prepared using the methods described by Beynon and Easterby [72] with the
solution ionic strength evaluated as:
I

1
z i2 C i

2 i

(3.1)

where zi and Ci are the valence and total concentration of each ion, respectively. Buffer
solutions were prepared by dissolving pre-weighed amounts of the appropriate salts in
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deionized distilled water obtained from a NANOpure® Diamond water purification
system (Barnstead Thermolyne Corporation, Dubuque, IA) with resistivity greater than
18 MΩ-cm. All salts were analytical reagent grade. The solution pH was measured using
a Model 402 Thermo Orion pH meter (Beverly, MA) and was adjusted using 1 M
hydrochloric acid or sodium hydroxide as required. The solution conductivity was
evaluated using a Model 105A plus Thermo Orion conductivity meter (Beverly, MA)
referenced to 25°C. All solutions were pre-filtered through 0.2 μm pore size Supor® 200
membranes (Pall Corp., Ann Arbor, MI) with 47 mm diameter using a vacuum pump to
remove any particulates and un-dissolved salts prior to use. The concentrations of buffer
components used in the most common buffers are shown in Table 3.1.

Table 3.1 Components for different buffers used in experiments.

Acetate
Acetate
Acetate

Ionic
Strength
10 mM
20 mM
100 mM

Phosphate

20 mM

6

NaH2PO4

0.0044

Na2HPO4•7H2O

0.005

NaCl

0.810

Phosphate

20 mM

7

NaH2PO4

0.0025

Na2HPO4•7H2O

0.0024

NaCl

0.590

Buffer

CH3COOH
CH3COOH
CH3COOH

Acid
(mol/L)
0.0017
0.0016
0.0015

pH

Acid

5
5
5

NaCH3COO
NaCH3COO
NaCH3COO

Base
(mol/L)
0.0032
0.0033
0.0034

NaCl
NaCl
NaCl

Salt
(g/L)
0.392
0.975
5.652

Base

Salt

3.2.2 Protein Solutions
A highly purified monoclonal antibody was received from Amgen (frozen) with a
concentration of approximately 20 g/L. The monoclonal antibody was obtained just prior
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to final formulation (e.g., after Protein A chromatography and at least one ion exchange
step) and has a molecular weight of 141,959 Da and an isoelectric point (pI) of 8.16. The
exact structure and sequence of the monoclonal antibody is unknown. The antibody was
kept frozen at -80 °C and thawed by first equilibrating for 1 day at -20 °C and then 2 days
at 4 °C. The antibody was placed in the desired buffer solution by diafiltration through
fully retentive UltracelTM composite regenerated cellulose membranes with either 10 or
30 kDa nominal molecular weight cut-off (Millipore Corp., Bedford, MA) as explained in
Section 3.3.4. After the diafiltration, the monoclonal antibody was concentrated to
approximately 20 g/L. The final solution ionic strength was achieved by dilution with
appropriate buffer. This approach minimized errors associated with buffer partitioning
during the ultrafiltration / diafiltration [33]. The solution pH was then evaluated using a
Model 402 Thermo Orion pH meter (Beverly, MA) and adjusted as needed by adding
small amounts of 0.5 M solutions of the appropriate acid or base (e.g., HCl or NaOH).
The solution was then filtered through a 0.2 μm pore size Supor® 200 membrane (Pall
Corp., Ann Arbor, MI) to remove any un-dissolved salt, particulate matter, or insoluble
protein aggregates that might have formed or been introduced during the preparation
steps. The resulting solution was frozen and stored in 100 mL aliquots at -80 °C for long
term use. These aliquots were thawed using the approach described previously along with
a final incubation at room temperature (for 1 hr). Protein solutions were kept at 4 oC
between experiments (maximum storage time of one week).
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3.2.3 Excip
pients
Excipients are nattural or synth
hetic substannces that aree included inn drug producct
fo
ormulations to assist witth product staability, prevvent denaturaation and agggregation ovver
th
he expected shelf life, an
nd / or enhan
nce the therap
apeutic effectt, drug absorrption, or
so
olubility. Vaarious types of excipients are used inn bioprocessiing, includinng sugars, am
mino
accids, and surrfactants. Ex
xcipients are usually addded to the prooduct duringg the formulaation
sttep via diafilltration and therefore
t
theeir presence within this sstep can havve a significaant
in
nfluence on the
t ultrafiltraation/diafiltrration behavvior. The exccipients exam
mined in thiss
th
hesis were su
ucrose (Sigm
ma, S-2395), L-proline (S
SPECTRUM
M, P1434), annd arginine--HCl
(JJT Baker, 20
067-06), all USP
U grade. Figure
F
3.1 shhows the struucture of theese moleculees as
prrovided by the
t manufactturers.

Figure
F
3.1. Chemical
C
stru
ucture of arg
ginine-HCl, L
L-proline, annd sucrose. A
Adapted from
m
manufacturrers’ websitees.
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3.2.4 Dextrran Solutio
ons
Dextrans are neutrral polymerss of glucose,, joined by α
α-1,6 linkagees; possible
brranches can attach to thee main chain
n via α-1,3 liinkages as shhown in Figuure 3.2. Dexxtrans
arre synthesizeed naturally by a strain of
o lactic acidd bacteria (Leuconostoc mesenteroiddes).
Dextran
D
stand
dards of speccific molecu
ular weight aare typically produced byy partial
hy
ydrolysis off the natural product.
p

Figure 3.2 Cheemical structu
ure of dextraan. Adapted from Burnss [73].

Dextran standardss have been used
u
extensiively in the ppast for size--based
ch
haracterizatiion of chrom
matography columns
c
andd membraness since they ddo not have any
io
onizable sidee groups; thu
us, their interractions are typically baased entirely on their relaative
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size. The Stokes radius (rs) for the dextran standards can be evaluated using the StokesEinstein equation as correlation [74]:
rs  0.0488MW 0.437

(3.2)

Narrow molecular weight dextran standards were used for calibration in size
exclusion chromatography and to find the dextran with equivalent hydrodynamic volume
as the monoclonal antibody; this was used to measure the dead column volume in selfinteraction chromatography experiments as described in Chapter 5. Blue dextran with
1000 kDa molecular weight (Catalog number D5751 from Sigma, St. Louis, MO) was
used as a fully excluded solute in self-interaction chromatography experiments. Dextran
solutions were prepared by dissolving pre-weighed amounts of powdered dextran (from
Sigma Chemical, St. Louis, MO and American Polymer Standards, Mentor, OH) in the
desired buffer solution. All the dextran solutions were pre-filtered through a 0.22 μm
Acrodisc® syringe filter (PALL Corp., Ann Arbor, MI) immediately prior to use.

3.2.5 Ultrafiltration Membranes
All filtration experiments, diafiltrations, and osmotic pressure measurements
performed in this thesis were done using UltracelTM composite regenerated cellulose
membranes with nominal molecular weight cut-offs (MWCO) of 30 kDa (and in some
cases 10 kDa for early diafiltrations) in the form of either flat sheets or TFF cassettes,
both provided by Millipore Corp. (Bedford, MA). The nominal molecular weight cut-off
refers to the molecular weight of a solute which has approximately 90% rejection as
determined by the manufacturer. The effective pore size for the UltracelTM membranes
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was
w estimated
d from the hy
ydraulic perrmeability (L
Lp) using Equuation (2.6) using a
membrane
m
po
orosity of ε = 0.5 [75] an
nd a membraane thicknesss of δm = 0.8 µm, which
gives pore rad
dii of 2.4 nm
m for the 10 kDa
k membraane and 3.2 nnm for the 330 kDa
membrane.
m
The Ultracel membranes
m
have an asym
mmetric struucture. The tthin skin andd
up
pper porous region are made
m
of cellu
ulose which is cast on a thicker more porous suppport
of polyethylene. Figure 3.3 shows a scanning
s
elecctron microsscopy imagee (SEM) of thhe
crross section of the comp
posite regeneerated celluloose membranne (adapted from
manufacturer
m
r’s website).

Figure
F
3.3. SEM
S
image of
o an UltraceelTM membraane cross-secction (adapteed from
Ruanjaikaen,
R
2013)

The reegenerated cellulose
c
skin
n is approxim
mately 0.5 - 1.0 μm thickk (not visible in
th
he SEM). Th
he cellulose layer
l
has a laarge numberr of surface hhydroxyl grooups which
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makes it very hydrophilic leading to low levels of protein adsorption and fouling during
ultrafiltration.
Flat sheet membranes were used for the osmotic pressure measurements (as
explained briefly in Section 3.3.5 and in more detail in Chapter 4) and in initial
diafiltration processes (Section 3.3.4). Membrane disks of desired diameter (based on the
size of the stirred cell or osmometer) were cut from the flat sheets using a stainless-steel
cutting device fabricated in our laboratory. All membranes were soaked in isopropanol
for 45 min to remove any wetting/storage agents prior to use. The membranes were then
thoroughly rinsed with at least 100 L/m2 of deionized (DI) water. The membranes were
stored in appropriate buffer or in 0.1 NaOH at 4 oC to prevent collapse of the membrane
pore structure by drying and to minimize bacterial growth.
PelliconTM 3 tangential flow filtration modules (Millipore Corp. Bedford, MA)
having 88 cm2 membrane area were used for ultrafiltration experiments (including both
batch ultrafiltration and total recycle experiments). These modules are around 20 cm in
effective length with the channel width estimated to be around 2.2 cm. The channel
height was estimated as h = 0.024 cm based on manufacturer’s data for the feed channel
hold-up volume (1.5 mL) assuming that the spacer occupies 30% of the channel. Modules
were used with both C (Millipore, P3C030C00) and D screens (Millipore, P3C030D00).
These screens enhance mass transfer by breaking up the growth of the concentration
polarization boundary layer. The D screen cassettes are more open in structure; they are
specifically designed for more viscous solutions. Figure 3.4 shows a schematic of a
Pellicon 3 cassette. Cassettes were installed in a cassette holder and prepared using the
procedures provided by Millipore; the experimental set-up is described in Section 3.3.2.
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All
A modules were
w initially
y flushed wiith at least 5000 mL of DII water to rem
move the
sh
hipping/storaage solution
n and thoroug
ghly wet the membrane ppore structurre. The moddules
were
w then flushed with 30
00 mL of thee specific buuffer to be ussed in the prootein
ultrafiltration
n experimentt. After comp
pletion of thee experimennt, the modulle was first
fllushed with buffer
b
to waash out any protein
p
solutiion left in thhe system and then flusheed
with
w 500 mL of DI water and finally cleaned by rrecirculatingg a solution oof 0.3 N NaO
OH at
pH
H 10.5 for 30
3 min. The module
m
was then filled w
with 0.1 N N
NaOH and sttored in
co
ontainers fillled with the same solutio
on at 4 oC beetween expeeriments. Moodules were
discarded afteer 1 month or
o if the perm
meability droops below 700% of the iniitial permeabbility
an
nd could nott be restored
d after cleanin
ng.

Figure
F
3.4 Schematic
S
off the Pellicon
n 3 tangentiaal flow filtrattion module.
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A limited number of ultrafiltration experiments were performed using
MicroKros® hollow fiber modules with 30 kDa modified polyethersulfone (mPES)
membranes having 0.5 mm inner diameter with lengths of 20, 40, and 65 cm
corresponding to membrane areas of 19, 38, and 61 cm2 (Spectrum Labs, C02-E030-05N). Figure 3.5 shows a schematic of a MicroKros® module. All hollow fiber modules
were initially flushed with DI water at 5 psi, collecting at least 200 mL of filtrate, to
remove the shipping/storage solution. The module was then rinsed with a solution of 50%
isopropanol at 3-4 psi for an hour to thoroughly wet the membrane pore structure
followed by at least 500 mL of DI water at 5 psi to thoroughly remove the alcohol. The
membrane hydraulic permeability was then measured using DI water; modules were only
used if the permeability was in the range suggested by the manufacturer (> 20
L/m2/hr/psi). The module was then flushed with 100 mL of the specific buffer to be used
in the protein ultrafiltration experiment. After each experiment, the module was first
flushed with buffer to wash out any protein solution left in the system and then flushed
with 300-400 mL of DI water followed by cleaning with 0.5 N NaOH for 1 hour.
Modules were stored in DI water at 4°C as suggested by the manufacturer.
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Figure
F
3.5 Scchematic of the MicroKrros hollow fi
fiber module. Adapted frrom
manufacturer
m
r
(h
http://www.sspectrumlab
bs.com/filtrattion/mPES.hhtml#MicroK
Kros).

3.3

Expeerimental Methods

3.3.1 Stirreed Cell Sett-up
Osmo
otic pressure measuremen
nts at high pprotein conceentrations (>
>100 g/L) weere
performed using an Amiccon 8200 stirrred cell withh effective m
membrane arrea of 28.7 ccm2
nd 200 mL volume
v
(Milllipore Corp.., Bedford, M
MA). The exxperimental sset-up is shoown
an
in
n Figure 3.6.. A membran
ne disk of 6.35 cm diameeter was cutt and placed in the bottom
m of
th
he stirred celll directly on
n top of a porrous layer off Tyvek® (off the same siize) which w
was
used as a supp
port to minim
mize deform
mation of the membrane at high presssures. The
membrane
m
waas held in place by a rub
bber o-ring thhat providedd a leak-free seal.
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Figure
F
3.6. Schematic
S
off experimental set-up useed for osmottic pressure eexperiments.
Adapted frrom Bakhshayeshirad [776].

The en
ntire apparattus was then
n filled with tthe appropriiate monocloonal antibodyy
so
olution and connected
c
to
o an air-presssurized acryylic solution rreservoir to apply the deesired
trransmembran
ne pressure via
v a pressurre regulator (Scott Speciialty gases, P
Plumsteadvillle,
PA). The app
plied pressuree was measu
ured using a digital presssure gauge (A
Ashcroft, M
Model
0518, 0-30 pssi) connected
d to the reserrvoir; the preessure on thee filtrate side was
attmospheric. The outlet of
o the stirred cell was connnected to a narrow tubee (1 mm
diameter) to measure
m
the very small filtrate
f
flux aat pressures close to the osmotic pressure
d in more dettail in Chapteer 4).
(aas explained
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3.3.2 Osmotic Pressure Measurements
A number of different methods are available for measuring the osmotic pressure
of a given solution including vapor pressure lowering, freezing point depression, and
boiling point elevation, all of which depend on the number (molal) concentration of
dissolved solutes in solution. However, the measured freezing point depression for a
protein solution will be determined primarily by the large number of salt ions and buffer
components in the solution, making it nearly impossible to determine the contribution of
the protein. The same is true for the other colligative properties (e.g., vapor pressure
lowering and boiling point elevation). Since the goal of these studies was to determine
the effects of the monoclonal antibody on the thermodynamic behavior of the
concentrated protein solution, it was necessary to use an approach that eliminated most (if
not all) of the contributions from the salt and buffer components.
The osmotic pressure of the monoclonal antibody solution was thus measured
using membrane osmometery with an UltracelTM 30 kDa membrane that is fully retentive
to the monoclonal antibody but completely non-retentive to the salts and excipients.
Based on the Kedem-Katchalsky equation (Equation 2.2), the filtrate flux through a
membrane with a protein solution on one side and a buffer solution on the other side is
zero if the applied transmembrane pressure is the same as the osmotic pressure difference
across the membrane. Therefore for each buffer condition and protein concentration the
osmotic pressure can be found by monitoring the filtrate flux across a membrane as a
function of the transmembrane pressure to find the value of the transmembrane pressure
corresponding to zero filtrate flux.
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The ap
pparatuses used
u
for this purpose werre either a sttirred cell (ass shown in
Figure 3.6) orr a membran
ne osmometeer (as shownn in Figure 4.1) where thhe positive annd
negative valu
ues for filtratte flux were evaluated byy measuring the movemeent of the fluuid in
he outlet cap
pillary. Addittional experiimental detaails are proviided in Chappter 4.
th

3.3.3 Tang
gential Flow
w Filtration
n Set-up
Figuree 3.7 shows the experim
mental set up used for all ultrafiltratioon experimennts
performed in this thesis. A positive diisplacement pump (Massterflex, Gelssenkirchen,
Germany)
G
waas used to pu
ump the mon
noclonal antiibody solutioon from the feed reservooir
in
nto the memb
brane cassettte.

Membrane

Retentatte

Fee
ed

Filtrate

Figure
F
3.7. Schematic
S
diaagram of thee tangential fflow filtratioon set-up forr batch
ultrafiltration
u
n

The pump was iniitially calibraated using thhe specific tuubing emplooyed in the ppump.
High
H
pressuree tubing (L/S
S 15, Masterrflex, Gelsennkirchen, Geermany) wass used for thee
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feed and retentate lines due to the high system pressures obtained during ultrafiltration
with high monoclonal antibody concentrations. The pressures on the feed and retentate
side were measured using analog high-pressure liquid pressure gauges (Ashcroft, 0-60
psi) while the pressure on the filtrate side was atmospheric. The Pellicon 3 module was
assembled in the module holder and oriented vertically. The hollow fiber modules were
also used vertically. The lower filtrate outlet was kept closed with the filtrate collected
from the top filtrate port. All connections were sealed to avoid any leakage during the
experiments. The feed solution was mixed using a magnetic stirrer bar. More details on
the ultrafiltration experiments are provided in Chapter 8.

3.3.4 Membrane Hydraulic Permeability
The membrane hydraulic permeability (LP) was evaluated by measuring the
filtrate flux as a function of transmembrane pressure for at least four pressures (in the
range of 1-10 psi) using DI water. The filtrate flux was determined by timed collection of
the filtrate using a Model AG104 digital balance (Mettler Toledo, Columbus, OH) with
accuracy of 0.1 mg. The permeability was evaluated from the slope of the filtrate flux (Jv)
versus transmembrane pressure (ΔPTM) data as:

Lp 

 water J v
PTM

(3.4)

where ηwater is the viscosity of the water at the temperature of the experiment. The
hydraulic permeability measurements were typically performed before and after each
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experiment; the decrease in permeability provided a measure of the extent of undesired
fouling during the experiments.

3.3.5 Diafiltration
Since the monoclonal antibody was received in a poorly defined buffer solution,
diafiltration was performed to place the protein in the desired buffer. The ultrafiltration
set-up shown in Figure 3.7 was used for the diafiltration with the volume of the solution
in the feed tank kept constant by continuous addition of the desired buffer to the feed
tank. The protein solution was pumped into the module from the feed tank using a
peristaltic pump at a constant flow rate. The filtrate was collected in a separate tank.
Samples were taken from the feed tank throughout the diafiltration for subsequent
evaluation of the concentration of antibody dimers and higher order oligomers.

3.4

Assays

3.4.1 UV Spectrophotometery
The antibody concentration was measured using either a SPECTRAmax Plus 384
UV-Vis spectrophotometer (MD Corp., Sunnyvale, CA) or a NanoDrop 2000c
spectrophotometer (Thermo Scientific, Waltham, MA) with the absorbance measured at a
wavelength of 280 nm (corresponding to the natural absorbance of the aromatic groups in
the tryptophan residues). The absorbance per cm for a 1 g/L solution of the monoclonal
antibody in water was taken as 1.5882 (provided by Amgen). This absorbance coefficient
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was used to evaluate the protein concentration directly from the absorbance in the
NanoDrop; a calibration curve was used for the plate reader in the SPECTRAmax Plus.
The calibration curve was constructed from a series of standard solutions of known
concentration (determined by UV absorbance in the NanoDrop). More details on the
protein concentration measurements are provided in the appropriate chapters.

3.4.2 Size Exclusion Chromatography
Size exclusion chromatography was used to determine the radius of the
monoclonal antibody and to evaluate the concentration of antibody dimers and higher
order oligomers. An Agilent 1100 Series high performance liquid chromatography
(HPLC) system (Agilent Technologies, Palo Alto, CA) was used with a Superdex 200,
10/300 GL analytical column (13 μm particle size, fractionation of globular proteins with
MW in the range of 1×104 – 6×105 Da, fractionation of dextrans with MW in the range of
1×103 – 1×105 Da, and 1.3×106 Da MW exclusion limit for globular proteins) obtained
from GE Healthcare (Uppsala, Sweden). The chromatography system was operating
using ChemStation software version A.04.08 (Agilent Technologies). The mobile phase
was a 50 mM phosphate buffer at pH 7 containing 0.15 M NaCl with a flow rate of 0.3
mL/min. The running buffer was passed through a degasser to eliminate air bubbles and
the column was flushed with a minimum of 2 column volumes. This also served to flush
the sample and reference cells in the detectors. Column equilibration was verified by
monitoring the baseline for the system detectors. 75 μl of the sample (with concentration
of approximately 1 g/L) was injected over a period of 30 s. Sample detection was
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performed using an Agilent 1100 series refractive index detector (RID) for dextrans and
an Agilent 1200 series UV-Vis detector (VWD) at 280 nm for the monoclonal antibody,
with the two detectors operated in series. The concentration of dimers and higher order
oligomers was evaluated from the area of the corresponding peak determined by
integration using the ChemStation software.

3.4.3 Self-interaction Chromatography
The second virial coefficient of the monoclonal antibody was evaluated by selfinteraction chromatography (SIC). SIC was initially introduced by Patro and Przybycien
[77] and the protocols were later developed by Tessier [78]. In this technique, protein
molecules of interest are immobilized on chromatography beads with formyl groups on
their surface through a chemical reaction with the protein’s amine groups. The beads are
then packed into a 1 mL chromatography column and a sample of the same protein is
then run through the column. The difference between the protein retention volume and
the retention volume of an equivalent non-interacting molecule (in our case a dextran
standard with the same hydrodynamic volume) under the same condition gives a
measurement of the two body interactions in the system (i.e. the second virial coefficient,
B2). As shown in Figure 3.8 the interactions between the antibody molecules in the bulk
solution and those attached to the beads in the packed column.
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Fig
gure 3.8. Sch
hematic of seelf-interactioon chromatography technnique
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d in the work
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Chapter 4
Osmotic Pressure of Highly Concentrated Monoclonal
Antibody Solutions
Note: Most of material presented in this chapter was previously published in: E. Binabaji,
S. Rao, A.L. Zydney, The osmotic pressure of highly concentrated monoclonal
antibody solutions: Effect of solution conditions, Biotechnology and
Bioengineering, 111 (2014) 529-536.

4.1

Introduction
Therapeutic antibodies are currently used to treat a variety of diseases including

cancer and many autoimmune disorders [79]. Antibodies are typically administered
subcutaneously from devices at very high concentrations to achieve the desired
therapeutic affect given the limited volumes that can be provided via subcutaneous
delivery [15]. The behavior of these highly concentrated protein solutions can have a
significant impact on the purification [51, 63, 65, 80, 81], formulation [18], and stability
[82] of monoclonal antibody products.
A variety of methods have been used to evaluate intermolecular interactions in
protein solutions including static light scattering [83], small-angle x-ray scattering [84,
85], sedimentation equilibrium [86-88], self-interaction chromatography [89], rheological
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measurements [90], and fluorescence anisotropy and circular dichroism [91]. Osmotic
pressure measurements are particularly useful in studying the behavior of highly
concentrated protein solutions since the data can also provide a measure of higher order
(multi-body) interactions [31, 92-94]. In addition, the osmotic pressure has a direct effect
on the filtrate flux during protein ultrafiltration due to the reduction in the effective
pressure driving force across the membrane, particularly at high degrees of concentration
polarization [51, 95].
There have, however, been relatively few studies of the osmotic pressure for
highly concentrated protein solutions (C > 50 g/L). Vilker et al. [31] evaluated the
osmotic pressure of bovine serum albumin at concentrations up to 475 g/L, and this
remains one of the classical studies in this field. Prausnitz’s group evaluated the osmotic
pressure of lysozyme [94, 96] and α-chymotrypsin [97], but the data were limited to
concentrations well below 100 g/L. Yousef et al. [98] evaluated the osmotic pressure of
serum IgG at very high protein concentrations. However, serum IgG is a heterogeneous
mixture of immunoglobulins with isoelectric points ranging from 5.8 – 8.5, making it
impossible to extrapolate these results to the behavior of a well-defined monoclonal
antibody. In addition, the data were obtained at only a single pH (7.4) and at relatively
high ionic strength (0.13 M NaCl), neither of which is typical of current antibody
formulations. Perkins et al. [95] presented data for the osmotic pressure of a purified
antibody up to concentrations of 200 g/L, but the data were limited to a single buffer
condition (5 mM acetate at pH 5 with 150 mM NaCl), and no attempt was made to use
the data to evaluate the intermolecular interactions. More recently, Salinas et al. [99]
evaluated the osmotic pressure and second virial coefficient of a monoclonal antibody at
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pH 6 over a range of conditions, but the data were limited to antibody concentrations
below 100 g/L.
The objective of the work described in this chapter was to obtain quantitative data
for the osmotic pressure of a highly purified monoclonal antibody at concentrations as
high as 250 g/L and over a range of buffer conditions. The net protein charge in the
different buffer solutions was evaluated from electrophoretic light scattering data, with
the results used to evaluate the Donnan contribution to the osmotic pressure. The oncotic
pressure data (after subtracting the Donnan contribution) were analyzed using a virial
expansion, with the calculated values of the second virial coefficient compared with
independent measurements obtained using self-interaction chromatography (data
discussed in more detail in Chapter 5). These results were used to obtain insights into the
nature of the intermolecular interactions in these concentrated solutions, while also
providing the type of osmotic pressure data that are needed for the analysis of the filtrate
flux in antibody ultrafiltration processes.

4.2

Materials and Methods

4.2.1 Osmotic Pressure Measurements
The protein osmotic pressure was evaluated using both a membrane osmometer
(shown schematically in Figure 4.1) and a stirred ultrafiltration cell. The osmometer
consists of two Plexiglas chambers, each with a volume of approximately 12 mL and a
cross-sectional area of 3.1 cm2. An UltracelTM composite regenerated cellulose membrane
with 30 kDa nominal molecular weight cut off (Millipore) was cut from a large flat sheet
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and sealed in a Plexiglas holder on top of a porous Tyvek support using o-rings. The
membrane holder was placed between the two chambers and the entire assembly was
screwed together. One chamber was filled with the antibody solution through the
relatively large inlet port; this port was closed immediately after filling. The other
chamber was filled with protein-free buffer solution and any entrapped air was removed.
All experiments were performed at room temperature (23 ± 2 ºC).
The chamber containing the protein solution was attached to an air-pressurized
reservoir, with the volumetric filtrate flux (Jv) evaluated at a given pressure (determined
using a digital pressure gauge) from measurements of the volume change in a capillary
tube attached to the outlet. The steady-state filtrate flux was evaluated at several applied
pressures, with the data analyzed using the Kedem-Katchalsky equation (Equation 2.2).
The 30 kDa Ultracel membranes used in this work had σ0 > 0.99 for the 142 kDa
monoclonal antibody. The osmotic pressure was calculated from the value of the applied
pressure at which Jv = 0 as determined from a linear regression fit to the flux versus
pressure data.
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4.2.2 Protein Charge
The net protein charge in the different buffer conditions was evaluated from
electrophoretic light scattering data obtained using a Malvern Zetasizer Nano
(Worcestershire, UK). In contrast to titration, the electrophoretic light scattering data
provide a direct measure of the protein mobility including the effects of anion (or cation)
binding in the different buffer solutions. 5 g/L solutions of the monoclonal antibody were
loaded in clear disposable capillary cells (Malvern, DTS 1061). The electrophoretic
mobility was determined by Laser Doppler Velocimetry at constant voltage, with results
reported as an average over at least 20 runs using five repeat measurements for each
buffer condition. The measured electrophoretic mobility (  E ) was used to evaluate the
protein zeta potential (ζ) using Henry’s equation (Equations 2.23 and 2.24) as explained
in Section 2.4.2. The net protein charge (Z) was then evaluated directly from the
measured zeta potential (ζ) using Equation 2.3 and 2.25 which gives [100]:

Z

4 rs 1  rs 
e



(4.1)

where Equation (4.1) is developed for a uniformly charged sphere at small surface
potentials; the maximum value of ζ in our system was less than 13 mV.

4.2.3 Self-Interaction Chromatography
Self-interaction chromatography (SIC) was initially introduced by Patro and
Przybycien [77] and was further developed by Tessier et al. [89] as a method to evaluate
protein–protein interactions. The monoclonal antibody was randomly immobilized on the
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surface of a Toyopearl AF Formyl 650M resin (Tosoh Bioscience LLC, Tokyo, Japan) by
reaction of the free amine groups on the antibody with the reactive aldehyde group on the
resins [101]. The surface-modified resin particles were packed into a Tricorn® 5/50
column (GE Healthcare, Tyron PA) connected to an Agilent 1100 series chromatography
system (Agilent Technologies, Palo Alto, CA). A 50 µm sample of the antibody solution
was injected into the column after it was equilibrated with the desired buffer, with the
retention volume evaluated at an eluent flow rate of 0.1 mL/min. The second virial
coefficient (B2) was evaluated from the difference in the measured retention volume for
the antibody and for a 50 kDa molecular weight dextran with hydrodynamic volume
equivalent to that of the antibody following the procedures developed by Tessier [101].
Additional details on the self-interaction chromatography are provided in Chapter 5.

4.3

Results and Analysis

4.3.1 Osmotic Pressure
Typical data for the filtrate flux as a function of the applied transmembrane
pressure in the membrane osmometer are shown in Figure 4.2 for antibody concentrations
of 19, 36, and 61 g/L. In each case, the flux was evaluated until the system attained a
steady-state, requiring as much as 150 min for the more highly concentrated antibody
solutions. This long equilibration time is associated with the development of the
concentration polarization boundary layer adjacent to the membrane.
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in the feed chamber since the antibody concentration in the filtrate is zero, i.e., Πfiltrate = 0).
The measured osmotic pressure does depend on the salt concentration due to the Donnan
effect, the unequal partitioning of the charged ions between the two chambers due to the
presence of the charged protein. This is discussed in more detail subsequently.
The reduction in slope with increasing protein concentration is due to concentration
polarization effects in the upstream chamber of the membrane as discussed by Opong and
Zydney [41]. Concentration polarization causes the protein concentration at the membrane
surface (Cw) to be greater than the protein concentration in the bulk solution (Cb), with the
magnitude of this effect related to the bulk mass transfer coefficient in the solution chamber.
The actual osmotic pressure difference across the membrane, which is determined by Cw
(and not Cb), can be evaluated using the first term in a Taylor series expansion around the
bulk protein concentration as:

 d 
w  b  
 Cw  Cb 
 dC Cb

(4.2)

where Cw can be found in terms of the bulk mass transfer coefficient, filtrate flux, and Cb
using the first term in the Taylor series expansion for the simple stagnant film model
(Equation 2.11):

J 
Cw  Cb  Cb  v 
k

(4.3)

Substituting Equations (4.2) and (4.3) into Equation (2.2) gives the following expression
for the flux:
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(4.4)

Thus the effective permeability, Lp,eff as given by the expression in the brackets
that multiples ∆PTM - ∆b, decreases with increasing bulk protein concentration due to
concentration polarization. Note that the measured values of the osmotic pressure are
unaffected by any concentration polarization effects since polarization disappears in the
limit of zero flux [41].
The measured values of the protein osmotic pressure in acetate buffer at pH 5 are
summarized in Figure 4.3 for solutions containing 10, 20, and 100 mM NaCl. The data at
low antibody concentrations were obtained in the membrane osmometer (open symbols)
while the results at high concentrations are primarily from the stirred ultrafiltration cell
(filled symbols). The data in the two systems are in good agreement, providing further
support for the methodology used to evaluate the osmotic pressure over the full range of
antibody concentrations.
The osmotic pressure increases strongly at very high protein concentrations,
attaining a value above 60 kPa at a concentration of 230 g/L in the 10 mM solution. The
osmotic pressure decreases with increasing solution ionic strength due to the reduction in
repulsive intermolecular interactions. This is discussed in more detail subsequently. The
measured osmotic pressure in the 100 mM NaCl solution at an antibody concentration of
195 g/L is 23 kPa, which is considerably larger than the value of 6.5 kPa reported by
Perkins et al. [95] at relatively similar conditions (pH 5, 150 mM acetate buffer). The
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4.3.2 Virial Coefficients
The osmotic pressure of the concentrated antibody solutions is due to the sum of
the osmotic pressure associated with intermolecular interactions between the proteins and
solvent (often referred to as the colloidal osmotic pressure or the oncotic pressure) and
the osmotic pressure arising from the difference in micro-ion concentrations across the
membrane (the Donnan contribution). The Donnan contribution is directly related to the
net protein charge (Z) and the resulting uneven distribution of salt ions between the two
chambers needed to ensure electroneutrality on both sides of the membrane. The data in
Figures 4.3 and 4.4 were analyzed using the expression [93]:
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(4.5)

where Cp and Mp are the protein concentration and molecular weight and ms is the molar
salt concentration. The Bi are virial coefficients; B1 is directly related to the effective
protein molecular weight while B2 and B3 can be expressed as integrals over the potential
energy of interaction between the proteins [31, 93].
The oncotic pressure was calculated from the measured osmotic pressure by
subtracting off the Donnan contribution based on the first term in Equation (4.5) with the
net protein charge in the different buffer conditions given in Table 4.1. The Donnan
contribution was relatively small at high ionic strength and at pH near the protein
isoelectric point, but could be as large as 17 kPa at low salt and pH 5. The results for the
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different ionic strength solutions at pH 5 in acetate buffer are shown in Figure 4.5 as the
reduced oncotic pressure:
 onc
 RT B1  B2 C p  B3C p2  etc
Cp





(4.6)

The data at the different ionic strength have a very similar intercept on the y-axis,
consistent with a constant value of the first virial coefficient (B1), independent of solution
ionic strength. The data at low antibody concentrations are linear, with the slope
decreasing with increasing ionic strength. The oncotic pressure data at high antibody
concentrations are clearly non-linear due to the significant contributions of the higher
order terms in the virial expansion (Equations 4.5 and 4.6).
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in Figure 4.3 to 4.5 are the model calculations given by Equation (4.5) using the best fit
values of B2 and B3 given in Table 4.1. The error limits were determined using
Mathematica (for the osmometry data) or by propagation of error analysis (for the SIC).

Table 4.1 Monoclonal antibody virial coefficients and charge in 5 mM phoshpate buffer
at different pH and salt concentrations.
Buffer
Condition

B2 (osmometry)
.

B2 (SIC)
.

B2 (theory)
.

B3 (osmometry)
.

Z

pH 5, 10 mM

7.1 ± 1.3

3.5 ± 0.3

3 ± 0.2

- 19 ± 7

12 ± 1

pH 5, 20 mM

4.4 ± 0.4

3.1 ± 0.3

2 ± 0.2

-11 ± 2

14 ± 1

pH 5, 100 mM

2.5 ± 0.4

2.4 ± 0.3

0.8 ± 0.2

-4 ± 2

24 ± 1

pH 6, 20 mM

2.6 ± 0.3

2.2 ± 0.3

0.9 ± 0.2

-4 ± 2

6±1

pH 7, 20 mM

1.7 ± 0.1

1.9 ± 0.3

0.3 ± 0.2

-3 ± 1

3±1

* Error limits on B2 and B3 were determined using Mathematica (for the osmotic
pressure data) or by propagation of error analysis (for Z values).

The discrepancies between the model and the data are magnified in Figure 4.5 due
to the use of the reduced oncotic pressure since this parameter is calculated by dividing
the osmotic pressure by the protein concentration in the solution. The overall fit could
also be improved by including higher order terms in the virial expansion (Equation 4.6).
The best fit value of the second virial coefficient decreases with increasing ionic strength,
going from a value of B2 = 7.1 ± 1.3×10-4 mL.mol/g2 at pH 5 and 10 mM NaCl to 2.4 ±
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0.4×10-4 mL.mol/g2 in the 100 mM NaCl solution, consistent with a reduction in the
magnitude of the repulsive interactions due to electrostatic shielding.
The best fit value of B2 at pH 7 (approximately one pH unit below the pI of 8.16)
is 1.7 ± 0.1×10-4 mL.mol/g2 which is larger than the purely steric contribution to the
second virial coefficient [102]:
16  rs3 N Av
B2 
3  M p2






(4.7)

where NAv is Avogadro’s number. Equation (4.7) gives B2 = 0.8×10-4 mL mol / g2 using
rs = 5.4 nm where the effective protein radius was evaluated using size exclusion
chromatography using dextran standards for the calibration [103]. This value is in good
agreement with literature data [104]. The difference between the experimental value of B2
and the purely steric value is likely due to the presence of repulsive electrostatic
interactions in the low ionic strength solution (20 mM) in combination with the nonspherical shape of the antibody. For example, Vilker et al. [31] showed that the excluded
volume term for a prolate ellipsoid with aspect ratio of 3.2 was 42% larger than that for a
hard sphere with equivalent volume.
In contrast to the results for the second virial coefficients, the third virial
coefficients are all negative (leading to the downward curvature in Figure 4.5), which
suggests an attractive (multi-body) interaction at very high protein concentrations. This
is consistent with the reversible self-association of both serum IgG [87] and IgG1
monoclonal antibodies [105] at high protein concentrations observed in sedimentation
equilibrium and light scattering experiments, respectively. The absolute value of B3
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decreases with increasing ionic strength and solution pH, suggesting that this attraction
may be electrostatic in nature. This is discussed in more detail subsequently.
The fourth column in Table 4.1 shows model calculations for the second virial
coefficients developed using the potential of mean force for charge–charge electrostatic
interactions between hard spheres [106]:


  Wij r   2
B2  B HS  2  1  exp 
 r dr
 k B T  
2 rs 


(4.8)

where k B is Boltzmann’s constant, T is the absolute temperature, r is the radial distance
measured from the center of the protein, and Wij is the potential of mean force:
2

Ze  exp  r  2rs 

Wij r  
r
1  rs 2

(4.9)

where Z is the protein charge, e is the electronic charge,  is the dielectric constant for
the media, and κ is the inverse Debye length. Equations (4.8) and (4.9) have been used
extensively for the evaluation of the second virial coefficient of a range of proteins [31,
92, 93]. The calculated values of B2 are significantly smaller than the experimental
results. The discrepancy at high pH and high salt are likely due to errors in the evaluation
of the hard-sphere contribution to the second virial coefficient as discussed previously.
The discrepancy at pH 5 and low ionic strength may be due to the breakdown in the
Debye–Huckel approximation (assumption of low surface potential) that is inherent in the
development leading to Equation (4.9).
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4.3.3 Self-Interaction Chromatography
The second virial coefficients for the monoclonal antibody in different buffer
conditions were also evaluated using self-interaction chromatography (SIC) based on the
difference in retention volume of the antibody when interacting with the protein
immobilized on the resin (Vr) and when eluting under non-interacting conditions (Vo):
k 

V r  V0
V0

(4.10)

as discussed in Chapter 5. The second virial coefficient is linearly proportional to k' [89,
101]:

B2  B HS 

k

 s

(4.11)

where BHS is the protein excluded volume (or hard sphere) contribution given by
Equation (4.7),  is the effective phase ratio (equal to the accessible surface area divided
by the mobile phase volume), and  s is the amount of immobilized protein per unit pore
surface area (evaluated as  s = 1.4×1015 molecule/m2 from a mass balance on the protein
solution used for the immobilization reaction).  was evaluated as m2/mL following
the procedures and data in DePhillips and Lenhoff [107] as discussed in Chapter 5. SIC
measurements were performed in triplicate with the retention volume calculated from the
location of the peak maximum.
The calculated values of the second virial coefficients from the SIC data are
summarized in the third column of Table 4.1. The B2 values determined from SIC are in
excellent agreement with results from the osmotic pressure data at pH 6 and 7 and at pH
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5 and 100 mM NaCl. However, the SIC values are considerably smaller than those
determined from osmometry at pH 5 and low salt concentration. This under-estimation of
the second virial coefficient in SIC can arise from the complete exclusion of the antibody
from the smaller pores due to the very strong electrostatic repulsion exclusion effects
between the protein in solution and the protein immobilized on the resin under these
conditions. This is discussed in more detail in Chapter 5.

4.3.4 Excipients
A number of different excipients are often added to concentrated antibody
solutions to increase protein stability, reduce dimer formation, and prevent protein
aggregation [108]. Experimental studies were performed to evaluate the effects of
arginine-HCl, sucrose, and L-proline on both the osmotic pressure and the second virial
coefficient. Data were obtained at pH 5 using sodium acetate buffer with 20 mM NaCl
and a 300 mM concentration of the desired excipient with results shown in Figure 4.6.
The osmotic pressure was reduced in the presence of all three excipients, with the most
significant effects seen at antibody concentrations greater than 150 g/L. For example, the
osmotic pressure at an antibody concentration of approximately 240 g/L varied from 41
kPa in the presence of arginine-HCl to 44 kPa in presence of L-proline to 48 kPa in
presence of sucrose compared to 50 kPa in the pure acetate buffer.
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small reduction in the magnitude of the third virial coefficient in the presence of all 3
excipients, which would be consistent with a small reduction in the attractive multi-body
interactions, although this effect was again only of marginal statistical significance.
Additional studies would be required to evaluate the significance of this effect on the
stability and physical properties of these highly concentrated antibody solutions. The
effect of these excipients on the antibody viscosity is discussed in Chapter 6.

Table 4.2. Effect of excipients on the virial coefficients for the monoclonal antibody.

B2 (osmometry)

B2 (SIC)

B3 (osmometry)

None

4.4 ± 0.4

3.1 ± 0.3

-11 ± 2

Sucrose

4.0 ± 0.4

2.8 ± 0.3

-9 ± 2

L-Proline

4.1 ± 0.1

2.8 ± 0.3

-10 ± 2

Excipient

.

.

.

Arginine-HCl
3.5 ± 0.1
2.5 ± 0.3
-9±2
* Error limits on B2 and B3 were determined using Mathematica (for the osmotic
pressure data) or by propagation of error analysis (for Z values).

4.4

Conclusions
The experimental data presented in this chapter provide the most extensive

measurements of the osmotic pressure of a highly purified monoclonal antibody solution,
including results at very high protein concentrations and over a range of pH and ionic
strength. The osmotic pressures at typical formulation conditions (pH 5 and 10 mM ionic
strength) are substantially larger than those reported previously at pH 7 and high ionic
strength. For example, the osmotic pressure at 230 g/L was 45 kPa compared to a value
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of only 6.9 kPa from Yousef et al. [98] for serum IgG at a similar concentration but at pH
7.4 and 130 mM NaCl. However the serum IgG examined by Yousef et al. [98] was
polyclonal with a range of isoelectric points from 5.8 – 8.5. Note that the calculated value
of the Donnan contribution for the antibody examined in this work at pH 5 and 10 mM
NaCl was 7.0 kPa, which is larger than the measured osmotic pressure reported by
Perkins et al. [95] under similar conditions.
The calculated values of the second virial coefficient determined from the osmotic
pressure data (after subtracting off the Donnan contribution) were in relatively good
agreement with independent measurements of the second virial coefficient evaluated
using self-interaction chromatography. The differences seen at very low ionic strength are
likely due to the complete exclusion of the protein molecules from the smaller pores in
the SIC resin.
The osmotic pressure data at high protein concentrations can also be used to
evaluate the third virial coefficient, which is usually inaccessible with other experimental
methods used to study protein–protein interactions. The plots of the reduced osmotic
pressure are clearly concave down, particularly at low ionic strength, consistent with
negative values of the third virial coefficient. Previous work by Scherer et al. [105]
showed that a plot of the reciprocal of the apparent molecular weight of an IgG1
monoclonal antibody determined by light scattering was concave down at low ionic
strength (provided in the supplementary material of that reference), consistent with a
negative value of the third virial coefficient, which the authors modeled using an
adhesive hard-sphere model. These attractive interactions likely arise from
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configurations in which local oppositely charged regions of different antibodies interact
with high geometric complementarity.
The magnitude of the attractive third virial coefficient decreased with increasing
ionic strength and solution pH and was slightly reduced in the presence of arginine, an
excipient commonly used to stabilize antibody formulations. However, the effect of
these excipients on the osmotic pressure was relatively small compared to the two-fold
reduction in viscosity reported by Maeder et al. [108] for a highly concentrated
polyclonal immunoglobulin solution. The effects of different excipients on the viscosity
of these highly concentrated antibody solutions is discussed in more detail in Chapter 6.
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Chapter 5
Self-interaction Chromatography for Evaluating
Intermolecular Interactions via Second Virial Coefficient
Measurement
Note: Most of material presented in this chapter was previously published in: E. Binabaji,
S. Rao, A.L. Zydney, Improved Method for Evaluating the Dead Volume and
Protein–Protein Interactions by Self-Interaction Chromatography, Analytical
Chemistry, 85 (2013) 9101-9106.

5.1

Introduction
Self-interaction chromatography (SIC) is a widely-used method for studying

protein–protein interactions that are important in protein formulation [18, 109-111],
crystallization [83, 112-116], purification [80, 83, 109-116], and in understanding protein
aggregation in both in vitro and in vivo systems. Self-interaction chromatography was
first introduced by Patro and Przybycien [77]. Tessier et al. [89] subsequently showed
that the measured retention coefficient (k') could be used to calculate the second virial
coefficient (B2) as:
B2  B HS 

k

 s

(5.1)
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where  is the effective phase ratio, equal to the accessible surface area divided by the
mobile phase volume, ρs is the amount of protein immobilized per unit pore surface area,
and BHS is the hard sphere contribution to the virial coefficient. B2 provides a measure of
the potential of mean force for two-body interactions, which is directly related to the
magnitude of the intermolecular interactions between proteins in the solution of interest.
SIC has been used to evaluate the second virial coefficient for BSA [114, 115],
lysozyme [89, 111, 112, 117, 118], -chymotrypsinogen [89], and monoclonal antibodies
[110, 113, 119] among others, with results in good agreement with independent estimates
of B2 from static light scattering [120], neutron scattering [120], small-angle x-ray
scattering [84, 85, 121], low-angle laser light scattering [122, 123], size-exclusion
chromatography [124], and membrane osmometry. In comparison to other methods, SIC
uses much smaller quantities of protein (typically less than 1 mg), it generally requires
less time, and it is easily automated. Recent studies have examined a number of factors
that influence the performance of SIC including the degree of immobilization [89, 118],
the possibility of multi-body interactions [118], the properties of the basin resin [112],
and the orientation of the immobilized protein [125].
One of the other challenges in evaluating the second virial coefficient using SIC is
the evaluation of the dead volume, Vo, in the expression for the retention coefficient:

k 

V r  V0
V0

(5.2)

where Vr is the retention volume of the protein of interest and Vo is the retention volume
of a non-interacting molecule of the same size as the protein. It is not possible to evaluate

Vo from data with a small (non-interacting) solute (e.g., acetone) because the small solute
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can access much more of the pore space than the protein due to the large difference in
physical size. This effect becomes even more pronounced when using SIC for large
proteins like monoclonal antibodies.
Tessier et al. [89, 114] evaluated Vo by multiplying the measured retention
volume for acetone by the ratio of the retention volumes for the protein and acetone in a
second column containing identical chromatographic particles but without any
immobilized protein:


 V protein

  Vimmobilized
V0  Vacetone 

V
 acetone 

(5.3)

where the primes refer to the measured retention volumes in the dead column and

Vimmobilized is the volume occupied by the immobilized protein molecules in the first
column, typically estimated by dividing the measured mass of immobilized protein by the
protein density .
Although Equation (5.3) has been widely used to evaluate Vo in previous studies
of SIC, there are a number of concerns with this approach. First, Equation (5.3) requires
the use of a second chromatographic column, significantly increasing the time for the
experimental measurements. Second, the use of the ratio of the retention volumes in the
second column as a correction factor is only appropriate if there are no interactions
between the protein and the stationary phase (in the absence of immobilized protein) and
if the two columns have equivalent packing characteristics. Third, the estimation of the
volume of immobilized protein requires an accurate value for the protein density.
The objective of the studies described in this chapter was to develop a more
accurate approach for evaluating the dead volume in SIC through the use of a dextran
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standard, with the same effective size as the protein, as the non-interacting molecule. This
completely eliminates the need for a second column, reducing the experimental time and
improving the accuracy of the SIC measurements. The effectiveness of this approach was
demonstrated for a monoclonal antibody under conditions dominated by repulsive
interactions, with the calculated values of the second virial coefficient in good agreement
with independent measurements obtained by membrane osmometry.

5.2

Experimental Procedures

5.2.1 Protein and dextran
Experiments were performed using a highly purified monoclonal antibody
provided by Amgen, Inc. with molecular weight of 142 kDa and isoelectric point of 8.16.
The antibody was stored at -80 °C and slowly thawed prior to use. The antibody was
placed in the desired buffer by diafiltration through a fully retentive UltracelTM composite
regenerated cellulose membrane with 10 kDa nominal molecular weight cut-off
(Millipore Corp., Bedford, MA) as described in Chapter 3. Narrow dextran standards
with polydispersity < 1.5 and with molecular weights of 33, 42, 62, and 80 kDa (from
American Polymer Standards, Mentor, OH) and 50 kDa (Sigma Aldrich) were dissolved
in the appropriate buffer solution.
Buffered salt solutions were prepared by dissolving appropriate amounts of
sodium acetate (Sigma, S7670), sodium phosphate monobasic (Sigma, S9638), and / or
sodium phosphate dibasic (Sigma, S7907) in deionized water obtained from a
NANOpure® Diamond water purification system (Barnstead Thermolyne Corporation,
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Dubuque, IA) with a resistivity greater than 18 MΩcm. The ionic strength was adjusted
using NaCl (BDH Chemicals, BDH0286), and the pH was adjusted using 0.1 N NaOH or
HCl as needed.
Antibody concentrations were determined spectrophotometrically using a
SPECTRAmax Plus 384 UV-vis spectrophotometer (MD Corp., Sunnyvale, CA) with the
absorbance measured at 280 nm. Samples were diluted as needed to ensure that the
measured absorbance was in the linear range (absorbance between 0.1 and 0.4). Actual
concentrations were evaluated by comparison of the absorbance with that of known
protein standards, with results reported as the mean ± standard deviation for a minimum
of four repeat measurements.

5.2.2 Column preparation
The monoclonal antibody was randomly immobilized on the surface of a
Toyopearl AF Formyl 650M resin (Tosoh Bioscience LLC, Tokyo, Japan) by reaction of
the free amine groups with the reactive aldehyde group on the resins [114].
Approximately 3 mL of the resin were first washed four times using 50 mL of deionized
water with the particles collected by centrifugation. The resin particles were then rinsed
with 50 mL of 0.1 M potassium phosphate buffer at pH 7.5. The collected particles were
added to 10 mL of a 5 g/L solution of the monoclonal antibody in 0.1 M potassium
phosphate buffer at pH 7.5. Approximately 90 mg of sodium cyanoborohydride was
added to the solution (with extreme caution) to initiate the reaction. The mixture was
incubated at room temperature with constant agitation provided by a rotary shaker
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(Innova 4000, New Brunswick Scientific). The amount of protein immobilized on the
particles was calculated from the difference in protein concentration in the reaction
solution before and after reaction.
The particles with immobilized protein were washed four times with 200 mL of
phosphate buffer. The particles were then added to a 15 mL solution of 1 M ethanolamine
at pH 8 to cap any unreacted aldehyde groups. Approximately 20 mg of sodium
cyanoborohydride was also added to the mixture to initiate the reaction. The reaction
mixture was incubated at room temperature for four hours, and the particles were then
washed again with 1 M NaCl at pH 7 to remove any unbound protein.
Approximately 2.5 mL of resin particles were prepared as a 50% slurry and
packed into a Tricorn® 5/50 column (GE Healthcare, Tyron PA) at a flow rate of 3
mL/min for 15 min, with the flow rate reduced and maintained at 0.5 mL/min for an
additional two hours to insure uniform packing. The quality of the column packing was
evaluated by injecting a 1% acetone solution; columns were only used if the acetone gave
a sharp symmetric Gaussian peak with the peak width (at half height) less than 0.5 mL at
an eluent flow rate of 0.1 mL/min.

5.2.3 Self-interaction Chromatography
Self-interaction chromatography was performed using an Agilent 1100 series
chromatography system (Agilent Technologies, Palo Alto, CA). The column was first
equilibrated with 10 column volumes of the buffer of interest at a flow rate of 0.1
mL/min. A 50 µL sample of the antibody, acetone, or dextran was injected into the
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column, with the retention volume evaluated at an eluent flow rate of 0.1 mL/min. The
column was then washed with 5 mM phosphate buffer at pH 7 with 1 M NaCl for four
column volumes followed by seven column volumes of 5 mM phosphate buffer at pH 7
(with no additional salt) before re-equilibrating with a new buffer. All retention volumes
were evaluated in triplicate with results reported as the mean ± standard deviation. The
column was stored at 4 ºC when not in use. Data were also obtained with a “dead
column” packed with the same particles, with the aldehyde groups capped by reaction
with sodium cyanoborohydride and ethanolamine but without any immobilized protein.
The same chromatography system was used for size-exclusion chromatography
but with a SuperdexTM 200 10/300 GL column (GE Healthcare, 17-5175-01). 50 mM
sodium phosphate buffer at pH 7 with 150 mM NaCl was used as the eluent at a flow rate
of 0.3 mL/min.

5.3

Results

5.3.1 Dead Volume
Our initial efforts to evaluate the column dead volume (Vo) were based on the use
of a “dead column” packed with the Toyopearl AF Formyl 650M resin in which the
aldehyde groups were capped by reaction with sodium cyanoborohydride and
ethanolamine but without any immobilized protein following the procedures described by
Tessier et al. [89]. However, measurements obtained on multiple dead columns, prepared
and packed following identical procedures, showed a range of


V protein


Vacetone

values from
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0.78 to 0.79, resulting in a 0.017 mL difference in the calculated dead volumes given by
Equation (5.3). This small (1.7%) variation in the dead volume led to more than a 30%
variation in the calculated values of k' (given by Equation 5.2) and in turn the second
virial coefficient (given by Equation 5.1).
It is also possible to obtain a rough estimate of the dead volume using a simple
partitioning model. The mean value of the acetone retention volume in the dead column
was 1.3 mL. The protein retention volume for a resin with uniform cylindrical pores can
be estimated as:
2

V

'
protein

V

'
pore

 rs 
'
1    Vvoid
R


(5.4)


= 1.21
where rs is the protein radius and R is the pore radius. Equation (5.4) gives V protein

mL using rs = 5.43 nm for the monoclonal antibody and R = 73.9 nm for the 650M resin
[114] assuming that the acetone volume is equally distributed between the pore space

 ). Similar results were obtained by
 ) and the inter-particle void volume ( Vvoid
( V pore
integrating over the pore size distribution [107]. Although Equation (5.4) is an only an

and the
approximation, the very large difference between the calculated value of V protein

value measured experimentally using the dead column ( V protein
= 1.02 mL) suggests that

the use of the dead column may not provide an accurate estimate of V protein
. This could

be due to the presence of non-specific interactions between the antibody and the resin in
the dead column.
A similar approach can be used to estimate the accuracy of the dead volume
calculated using Equation (5.3). The surface coverage of the immobilized protein was
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evaluated as 13% of a monolayer based on the mass uptake of antibody during the
immobilization reaction using an internal surface area per settled particle volume of 9
m2/mL based on the inverse size exclusion chromatography data presented by DePhillips
and Lenhoff [108]. The column containing the resin with immobilized protein is assumed
to be identical to the dead column with Vvoid = 0.65 mL and Vpore = 0.62 mL accounting
for the reduction in pore volume associated with the immobilized protein. The dead
volume for this column can then be evaluated theoretically using Equation (5.4) as Vo =
1.18 mL using R = 68.5 nm. In contrast, the calculated value of Vo from Equation (5.3) is



0.96 mL using the experimental values for V protein
and Vacetone
. Similar calculations using

the theoretical values for V protein
give Vo = 1.15 mL, both of which are in poor agreement

with the model calculation.
An alternative approach to evaluating the dead volume in the protein-immobilized
column is to use a non-interacting solute that has the same effective volume as the protein
of interest. Dextrans have been used extensively as non-interacting solutes in inverse size
exclusion chromatography to evaluate the pore size distribution of different
chromatographic resins [107], suggesting that they might be appropriate in SIC as well.
Previous studies of the effects of dextran on protein solubility [126] are consistent with
an excluded volume effect, suggesting that there are no specific dextran-protein
interactions in these systems. Table 5.1 shows data for the measured retention volume of
a series of narrow molecular weight dextran standards in a SuperdexTM 200 resin packed
in a 10/300 GL column. The final column shows the calculated value of the Stokes radii
for the different dextrans evaluated using the correlation [74]:
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5.3.2 Second Virial Coefficients
The bottom panel of Figure 5.2 shows the measured retention volumes for the
monoclonal antibody in a protein-immobilized column with 13% surface coverage at pH
5 for solutions prepared using a 5 mM acetate buffer with different amounts of added
NaCl. These conditions are similar to that used for many monoclonal antibody
formulations, with the intermolecular interactions dominated by repulsive interactions.
The data are plotted as a function of solution ionic strength calculated based on the
known amounts of acetate and NaCl (neglecting any contribution from the protein).
The protein retention volume was calculated from the location of the peak
maximum due to the presence of significant peak tailing in some of the runs. This tailing
is likely due to mass transfer limitations or non-specific interactions with the base matrix,
as observed previously by Ahamed et al. [119] under similar conditions, and thus does
not provide a measure of the magnitude of the protein-protein interactions in this system.
Ahamed et al. [119] also used the peak maximum in their analysis of protein-protein
interactions using SIC. In each case, data were obtained for three repeat measurements,
with results reported as the mean retention volume. The data were highly reproducible,
with standard deviations between repeat measurements of less than 0.02 mL
(approximately 2%).
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consistent with a reduction in electrostatic exclusion (repulsion) of the positively-charged
antibody from the positively-charged pores of the antibody-immobilized column due to
the increase in electrostatic shielding provided by the bulk electrolyte. The measured
retention volumes appear to approach a constant value at high ionic strength, with Vprotein
= 1.095 mL being slightly smaller than the dead volume determined from the 50 kDa
dextran (Vo = 1.186 mL). This is discussed in more detail below.
The upper panel in Figure 5.2 shows the second virial coefficients calculated
directly from Equation (5.1) using the retention coefficients given by Equation (5.2) and
the measured retention volumes of the antibody and the 50 kDa dextran. The surface
density of the immobilized antibody was evaluated from a simple mass balance on the
protein solution used for the immobilization reaction giving 1.4×1015 molecule/m2. The
effective phase ratio was estimated from data for the pore size distribution of the
Toyopearl AF Formyl 650M particles evaluated by DePhillips and Lenhoff [107] using
inverse size-exclusion chromatography with a range of different molecular weight
dextrans. Since the maximum possible immobilization density corresponds to a protein
monolayer, all pores with R >> 3rs will be accessible to the antibody (corresponding to
7.4 m2/mL). Tessier [101] assumed that an effective protein monolayer corresponded to
approximately 30% surface coverage. Since the density of immobilized antibody in this
work was only 13%, a significant fraction of smaller pores should also be accessible. This
additional pore volume was estimated as 0.13/0.30 = 0.43 of the pores with radii between

rs and 3rs. This gives a total accessible area of m2/mL. The protein excluded
volume (BHS) was estimated as [102] (equivalent to Equation 4.7):
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(5.6)

where NAV is Avogadro’s number and Mp is the antibody molecular weight. The protein
radius was taken as rs = 5.43 nm independent of ionic strength based on the SEC data in
Table 5.1.
The second virial coefficient decreases with increasing solution ionic strength,
consistent with the increase in electrostatic shielding of the intermolecular repulsive
interactions between the positively-charged antibody molecules. The values at high ionic
strength become nearly constant with B2 ≈ 2.4×10-4 mL mol/g2. Note that the calculated
value of B2 using the dead volume determined from the acetone peak in the “dead
column” was slightly negative under these conditions, in contrast to the positive values
reported in the literature [110].
The solid curve in the top panel of Figure 5.2 is a model calculation developed
using the potential of mean force for charge–charge electrostatic interactions between
hard spheres (Equation 4.6). The protein charge was evaluated as a function of solution
ionic strength from the measured electrophoretic mobility determined from
electrophoretic light scattering data obtained with a Malvern Zetasizer Nano
(Worcestershire, UK) as described in Chapter 4. Values of Z at select conditions are
summarized in Table 4.1. The model is in good qualitative agreement with the data,
although it does tend to over-predict B2 at very low ionic strength with the reverse
behavior seen at high ionic strength.
The discrepancy at high ionic strength is likely due in part to errors in the
evaluation of the excluded volume contribution to the virial coefficient. For example,
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Vilker et al. [31] showed that the excluded volume term for a prolate ellipsoid with aspect
ratio of 3.2 was 42% larger than that for a hard sphere with equivalent volume. The use
of Equation (5.6) also ignores the possible contribution from a hydration layer around the
protein [127] or to some type of weak intermolecular repulsive interaction. The
discrepancies at low ionic strength could be due to the breakdown of the Debye–Huckel
approximation (assumption of low surface potential in the development leading to
Equation 5.8) in combination with errors associated with the complete exclusion of the
antibody from the smaller pores of the SIC resin under these conditions. This is discussed
in more detail below.
To further study the accuracy of this approach, the second virial coefficients
evaluated from SIC were compared with results from membrane osmometry for the same
monoclonal antibody at the same buffer conditions (from Chapter 4). The osmometry
experiments required more than 1 g of protein at each solution condition, compared to the
several mg needed for the SIC measurements. The results are summarized in Table 4.1
along with the model calculations given by Equations (5.6) to (5.8). The second column
gives the ionic strength calculated based on the known amounts of acetate and NaCl. The

B2 values determined by SIC at pH 6 and 7, and at pH 5 and relatively high ionic
strength, are in good agreement with results from membrane osmometry. However, the
values at pH 5 and low ionic strength (≤ 20 mM) show considerable discrepancies, with
the values determined from SIC being considerably smaller than the values determined
from the osmotic pressure measurements. One possible explanation for this discrepancy
is the non-random immobilization of the antibody as discussed by Rakel et al. [125].
Alternatively, the antibody may be totally excluded from the smaller highly charged
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pores in the protein-immobilized resin particles at low ionic strength, an effect that is
likely to be more pronounced for the large antibody molecule examined in this work
compared to previous SIC studies using small proteins like lysozyme and αchymotrypsinogen. The data in Table 4.1 are also in good agreement with the value of B2
= 1.7×10-4 mL mol/g2 at pH 7 and 30 mM ionic strength reported by Le Brun et al. [110]
for a different antibody.

5.4

Conclusion
Self-interaction chromatography is an attractive high throughput method for

studying protein–protein interactions in different buffer conditions. The results presented
in this chapter demonstrate that it is possible to use a dextran standard with equivalent
hydrodynamic volume to evaluate the dead volume in the protein immobilized column to
evaluate the second virial coefficient. This not only eliminates the need for a second
(dead) column, reducing the time and increasing the throughput for the SIC
measurements, the dextran also appears to provide a more accurate estimate of the dead
volume since it eliminates errors associated with differences in column packing and the
estimation of the immobilized protein volume. These effects are likely to be more
important for larger proteins like the monoclonal antibody examined in this work.
The calculated values of the second virial coefficient were in good agreement
with independent measurements of B2 based on osmotic pressure data, providing
additional validation of this approach. The greatest discrepancies are seen at low ionic
strength and low pH, conditions where there are strong repulsive electrostatic interactions
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that will likely cause the complete exclusion of the highly charged protein from the
smaller pores within the protein-immobilized resin. This effect has not been discussed in
most previous studies of SIC, many of which were targeted at identifying appropriate
conditions for protein crystallization (i.e., conditions where B2 is slightly negative). In
contrast, most downstream processing and protein formulations employ buffer conditions
where the overall intermolecular interaction is repulsive (B2 > 0). The results obtained in
this study clearly demonstrate the potential of using SIC to evaluate the magnitude of the
intermolecular interactions under these conditions even for large proteins like monoclonal
antibodies.
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Chapter 6
Viscosity of Highly Concentrated Monoclonal Antibody
Solutions
Note: Most of material presented in this chapter has been submitted for publication in: E.
Binabaji, J. Ma, A.L. Zydney, Intermolecular Interactions and the Viscosity of
Highly Concentrated Monoclonal Antibody Solutions, Pharmaceutical Research.

6.1

Introduction
Monoclonal antibodies are typically delivered in very highly concentrated

solutions to achieve the desired dosage (mg antibody per kg patient body weight) in the
limited volumes that can be delivered by subcutaneous injection [15]. The high viscosity
of these solutions can have a significant impact on both the delivery and purification of
the monoclonal antibody product [15]. There have thus been a number of prior studies
focused on understanding the key factors controlling the viscosity of highly concentrated
solutions of different monoclonal antibodies.
Liu et al. [128] investigated the effects of salt concentration and solution pH on
the viscosity of a humanized IgG1 monoclonal antibody using both capillary and coneand-plate rheometers. The viscosity of a dilute (10 g/L) solution behaved like a
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Newtonian fluid over shear rates between 0.1 and 10,000 s-1, but data with a 200 g/L
solution in a 25 mM histidine buffer at pH 6 with 435 mM sucrose showed significant
shear-thinning behavior over the entire range of shear rates. The viscosity of a 125 g/L
solution in a 16 mM histidine buffer with 266 mM sucrose decreased by more than a
factor of 8 as the NaCl concentration was increased from 0 to 200 mM due to the
shielding of repulsive electrostatic intermolecular interactions. The viscosity in the
absence of NaCl (in the presence of acetate or arginine) showed a sharp maximum around
pH 5.8, which was well below the protein isoelectric point. The authors attributed this
behavior to the presence of attractive electrostatic interactions leading to reversible selfassociation; this behavior was not seen with other monoclonal antibodies having very
similar structure.
Chari et al. [129] examined the viscosity of an IgG2 antibody using high
frequency rheology. In contrast to the results obtained by Liu et al. [128], the viscosity
reached its maximum value around the protein isoelectric point (pH 9). Model
calculations indicated that the rheological behavior was dominated by long-range
repulsive interactions at low protein concentrations but that short range attractive
interactions (e.g., dipole–dipole attraction) became important at high protein
concentrations.
Saito et al. [35] obtained data for the viscosity of three humanized IgG1
monoclonal antibodies over a range of pH using a microfluidic Rheosense viscometer.
The viscosity of two antibodies increased monotonically with increasing solution pH
(from pH 5 to 8 in a 10 mM acetate or phosphate buffer with 140 mM NaCl), while the
viscosity for the third antibody showed a significant decrease with increasing pH. The
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viscosity data for all three antibodies were well correlated with independent
measurements of the second virial coefficient (B2). However, the reduction in viscosity
with increasing values of B2 is exactly opposite of that predicted using available theories
for the viscosity of concentrated colloidal dispersions [130], all of which predict that an
increase in repulsive interactions (as described by the second virial coefficient) should
lead to an increase in the effective size of the colloidal particles and thus an increase in
viscosity. Sarangapani et al. [131] discussed the limitations of colloidal descriptions of
the viscosity of concentrated protein solutions in the context of the behavior of bovine
serum albumin, specifically highlighting the effects of surface hydration, surface charge
distribution, and conformational changes.
Yadav et al. [132] examined the effects of charge distribution on the viscosity of a
series of monoclonal antibody variants with different surface charge in a histidine buffer
at pH 6.0. Antibodies with more non-uniform surface charge had higher viscosity, which
the authors attributed to the increased intermolecular attraction between oppositely
charged “patches” on different antibodies. The results were analyzed in terms of the
second virial coefficient (determined from light scattering measurements), although there
was no direct correlation between these parameters. The authors explained the behavior
qualitatively in terms of the different effects of intermolecular interactions on selfassociation and irreversible aggregation, both of which affect the solution viscosity.
Despite the previous work in this area, there are still considerable uncertainties
over the key factors controlling the viscosity of highly concentration solutions of
monoclonal antibodies. The objective of the work presented in this chapter was to
examine the viscosity of highly concentrated solutions of an IgG1 antibody over a wide
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range of protein concentrations, solution pH, salt concentrations, and the presence /
absence of different excipients. The viscosity results were analyzed in terms of the
antibody virial coefficients (both B2 and B3 as evaluated from osmotic pressure data) to
obtain additional insights into the effects of intermolecular protein-protein interactions on
the behavior of these highly concentrated antibody solutions.

6.2

Materials and Methods
All experiments were performed using a highly purified IgG1 monoclonal

antibody provided by Amgen with molecular weight of 142 kDa and isoelectric point of
8.16. Data were obtained in acetate and phosphate buffers, both with and without added
sucrose (Sigma, S-2395), L-proline (SPECTRUM, P1434), or arginine-HCl (JT Baker,
2067-06) as excipients. Protein solutions were kept at 4°C for up to a week; solutions
used for longer periods of time were kept at -30°C. More details on sample preparation
were presented in Chapter 3.
The steady-state viscosity (ratio of shear stress to shear rate) was evaluated using
a Rheometrics Fluids Spectrometer (RFS II, strain-controlled rotational rheometer) with a
concentric cylinder geometry having an inner diameter of 1.65 cm, an outer diameter of
1.71 cm, and height of 1.37 cm. The RFSII has two transducers with different torque
sensitivity that provide reliable viscosity measurements from about 1 mPa.s to more than
100 mPa.s.
The rheometer was initially calibrated using a series of Newtonian standards (oils
and water) of known viscosity. The sample temperature was maintained at 25 ± 1 °C
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using a circulating water bath surrounding the outer cylinder; the temperature was
monitored using a thermocouple connected to the inner cylinder. The sample holder and
inner cylinder were thoroughly washed with deionized water and completely dried prior
to each experiment. 1 mL of the antibody solution was carefully loaded into the sample
holder, taking extra care to avoid any bubble formation. The shear stress was then
measured over a range of shear rates from 10–1000 s-1 with two data points typically
taken per decade. Most experiments were performed with continually increasing shear
rate; limited data were obtained with decreasing shear rate to verify that there was no
hysteresis or shear-induced changes to the protein.
The antibody concentration for each sample was measured using the UV
absorbance at 280 nm determined using a NanoDrop spectrophotometer both before and
after each experiment. Measurements were typically within 1 percent, with the largest
absolute deviation being 4–5 g/L at the highest protein concentrations (>200 g/L). In
addition, size exclusion chromatography with a Superdex 200 column was performed on
select samples to evaluate the fraction of antibody dimers and higher order oligomers. In
most cases, the dimer peak was undetectable, and there was no evidence of any higher
order oligomers in any of the samples.

6.3

Results and Analysis

6.3.1 Monoclonal Antibody Viscosity
Typical data for the viscosity (η) of the monoclonal antibody solution in a pH 5
acetate buffer with 20 mM NaCl at different antibody concentrations are shown in Figure
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The RFS II rheometer used in this work has a cylinder length of 1 cm; thus, the
air-liquid interface would not be expected to cause a significant perturbation in the
measured (average) shear stress at the relatively high shear rates examined in this work.
In addition, limited experiments were performed in the presence of 10% Triton X-100, a
non-ionic surfactant that has been used previously to minimize interfacial viscosity. The
measured viscosity in the presence of the Triton X-100 was within 10% of that for the
pure antibody solution under otherwise identical conditions, indicating that the results
obtained with the RFS II rheometer reflect the true bulk viscosity of the antibody
solution. There was also no evidence of any hysteresis; data obtained with increasing and
decreasing shear rate (as shown in Figure 6.2) were indistinguishable. The data in Figure
6.2 do show a small but statistically significant reduction in viscosity with increasing
shear rate, consistent with the presence of some shear-thinning in the antibody solution
possibly due to the break-up of solute aggregates with increasing shear rate.
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Figure
F
6.2. Viscosity
V
(η) as a function of shear raate for the IggG1 monocloonal antibodyy
in
n a 5 mM accetate buffer at pH 5 withh 20 mM NaaCl at 219 g//L.
Measurement
M
ts obtained with
w decreassing shear rat
ate is comparred with the
viscosity
v
meaasurements obtained
o
witth increasingg shear rate.

The efffect of the antibody
a
con
ncentration oon the relativve viscosity, η/η0 where η0 is
he viscosity of the proteiin-free buffeer, is examinned in Figuree 6.3. The daata at pH 5 w
were
th
ob
btained in a 5 mM acetaate buffer wh
hile a 5 mM phosphate bbuffer was ussed for the
reesults at pH 6 and 7, both
h with 20 mM NaCl. Thhe solid and ddashed curves are model fits
ass described in
i Section 6..3.2. The visscosity at anyy given antibbody concenntration increeases
with
w increasin
ng pH, particcularly at hig
gh protein cooncentrationns. This effecct was quite
siignificant, with
w the visco
osity at pH 7 being nearlly double thaat at pH 5.
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Figure
F
6.3. Relative
R
visco
osity at high
h shear rate aas a functionn of the antibbody
concentration
n at several pH
p values. D
Data at pH 5 were in an acetate bufffer
while
w
for pH 6 and 7 a ph
hosphate bufffer was usedd, all with 200 mM NaCl.
Solid
S
and dasshed curves are model caalculations uusing Equation (6.3) withh
th
he best fit vaalues of b an
nd Cmax = 8000 g/L.

Figuree 6.4 shows the effect off solution ionnic strength,, adjusted byy the additionn of
NaCl,
N
on the antibody visscosity in a 5 mM acetatte buffer at ppH 5. The reelative viscosity
in
ncreases with
h increasing NaCl conceentration at aall three conccentrations, suggesting tthat
th
he shielding of the electrrostatic interractions causses the obserrved increasee in viscosityy.
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Figure
F
6.4. Relative
R
visco
osity of the antibody
a
sollution at highh shear rate as a functionn
of
o added NaC
Cl concentrattion for expeeriments perrformed usinng a 5 mM
acetate bufferr at pH 5.

The behavior seen
n in Figures 6.3 and 6.4 iis exactly oppposite to thaat predicted by
dels for the rh
heology of colloidal
c
disppersions [130]:
cllassical mod
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where
w
φ is thee protein vollume fraction
n (proportioonal to the prrotein concenntration), rs is the
prrotein radiuss (treated as a sphere), an
nd deff is the effective diameter of thhe protein
acccounting fo
or a square well
w repulsivee potential. D
Detailed exppressions forr the highest
orrder term (e..g., of order φ3) for charg
ged spheres are not currrently availabble. deff is
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expected to decrease with increasing pH due to the reduction in net charge of the
monoclonal antibody, which varies from Z = 14 at pH 5 to Z = 6 at pH 6 and Z = 3 at pH
7 (as determined from the measured values of the electrophoretic mobility as discussed in
Chapter 4). deff is also expected to decrease with increasing ionic strength due to the
reduction in the thickness of the electrical double layer. These phenomena are discussed
in more detail in Section 6.3.3.

6.3.2 Model Correlations
A number of different theoretical models and empirical correlations have been
used in the literature to describe the behavior of concentrated protein solutions. Connolly
et al. [134] used a simple exponential model to describe the viscosity for a range of
monoclonal antibodies:


 expmC 
0

(6.2)

where m is an empirical coefficient. Although Equation (6.2) is qualitatively consistent
with the data in Figure 6.3, the results at high protein concentrations show significant
upward curvature on the semi-log plot. More accurate fits to the data were developed
using the semi-empirical model originally presented by Ross and Minton [135] for the
viscosity of concentrated hemoglobin solutions:



bC

 exp
  C
0
1  
  C max





 
 

(6.3)
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where b is related to the intrinsic viscosity and Cmax provides a measure of crowding and
steric constraints in the highly concentrated protein solutions. In order to verify the
appropriateness of Equation (6.3) for describing the viscosity results obtained with the
monoclonal antibody solutions, the data in Figure 6.3 were re-plotted in Figure 6.5 in a
linearized form as:

1
1 1
  
    b  C bCmax
ln 
0 
1

(6.4)

The data at pH 5 are highly linear when plotted in this fashion, with r2 > 0.99, with the
best fit values of the slope and intercept giving b = 0.0108 ± 0.001 L/g and Cmax = 640 ±
90 g/L.
The viscosity data were all analyzed using Equation (6.3) with the best fit values
of the model parameters determined by non-linear regression using Mathematica Version
9.0. The high degree of coupling between b and Cmax made it difficult to accurately
determine both of these parameters from the available data, leading to very high error
bars (95% confidence intervals). However, all of the fitted values of Cmax were similar,
with no clear dependence on solution pH or ionic strength. Thus, the data were re-fit
using the average value of Cmax = 800 g/L as determined from multiple data sets, with the
best fit values of the parameter b then determined for each set of experimental conditions
by non-linear regression. The solid and dashed curves in Figure 6.3 are the resulting
model calculations with b = 0.0108, 0.0119, and 0.0126 L/g for pH 5, 6, and 7,
respectively. The model fits are in very good agreement with the experimental data over
the full range of antibody concentrations, providing further support for the use of
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Equation
E
6.3 to analyze th
he viscosity of these higghly concentrrated monocclonal antiboody
so
olutions.

Figure
F
6.5. Linearized
L
pllot of the visscosity data iin a 5 mM accetate bufferr with 20 mM
M
added NaCl at
a pH 5. Sollid line is linnear regressioon fit using E
Equation (6..4).

6.3.3 Viria
al Coefficients
The best fit valuess of the visco
osity parameeter b for thee different buuffer conditiions
w results foor the secondd and third vvirial coefficcients
arre summarizzed in Table 6.1 along with
determined fo
or the same monoclonal
m
antibody in the same buuffers from thhe osmotic
4 The visco
osity parameeter b increasses with incrreasing pH aand
prressure data in Chapter 4.

105

salt concentration, while the second virial coefficient decreases over the same range of
parameters. This relationship between the viscosity and the second virial coefficient for
monoclonal antibody solutions has been reported previously by Saito et al. [35] and
Connolly et al. [134]. However, the inverse correlation seen in Table 6.1, and in the
studies by Saito et al. and Connolly et al., is inconsistent with theoretical descriptions of
colloidal systems which show that a repulsive inter-particle potential produces a stress
that causes a corresponding increase in the solution viscosity and the second virial
coefficient through its effect on the potential of mean force.
The importance of reversible self-association on the behavior of highly
concentrated solutions of monoclonal antibodies has been reported in a number of
previous studies [35, 128, 129]. These associations are due to local (short-range)
attractive interactions that appear to dominate in very highly concentrated solutions
despite the presence of long-range electrostatic repulsion caused by overall net positive
charge of the antibody. The importance of these local attractive interactions on the
osmotic pressure was discussed in Chapter 4; this results in significant negative values of
the third virial coefficients (B3) as seen in Table 6.1. These local interactions are likely
electrostatic in origin, e.g., those associated with dipole–dipole attraction, as indicated by
the significant decrease in the absolute value of B3 with increasing ionic strength.
The results in Table 6.1 show a direct correlation between b and B3, with both
parameters increasing with increasing pH and salt concentration. In addition, the b value
in the pH 5, 100 mM NaCl solution lies between the values in the pH 6 and pH 7
solutions (both with 20 mM NaCl), which is consistent with the very similar values of the
third virial coefficient in these buffers.
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Table 6.1 Effect of buffer conditions on the viscosity coefficient (b), the second and
third osmotic virial coefficients (B2 and B3), and the antibody charge (Z).
Buffer
Condition

b
.

B2

.

B3

Z

pH 5
10 mM

0.962

7.1 ± 1.3

-19 ± 7

12 ± 1

20 mM

1.08

4.4 ± 0.4

-11 ± 2

14 ± 1

100 mM

1.23

2.5 ± 0.4

-4 ± 2

24 ± 1

pH 5

1.08

4.4 ± 0.4

-11 ± 2

14 ± 1

pH 6

1.19

2.6 ± 0.3

-4 ± 2

6±1

pH 7

1.26

1.7 ± 0.1

-3 ± 1

3±1

20 mM NaCl

* Error limits on B2 and B3 were determined using Mathematica (for the osmotic
pressure data) or by propagation of error analysis (for Z values).

The relationship between b and B3 is examined more explicitly in Figure 6.6 for
experiments performed over a range of solution pH and NaCl concentration. The results
are highly linear with r2 = 0.97, suggesting that an increase in attractive intermolecular
electrostatic interactions (more negative values of the third virial coefficient) leads to a
reduction in the viscosity of the antibody solution (smaller value of the viscosity
parameter). The local attractive interactions can be thought of as reducing the effective
diameter of an individual antibody (deff in Equation 6.1) or as reducing the effective
volume fraction of the suspension (by creating small “compact” aggregates of several
antibodies), in either case leading to a reduction in the solution viscosity.
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Figure
F
6.6. Relationship
R
between thee viscosity cooefficient (bb) and the thiird virial
coefficient (B
B3) for mono
oclonal antibbody solutionns over a rannge of pH annd
saalt concentraation (data in
n Table 6.1) . Error bars were calculaated from the
95%
9
confiden
nce interval on b determ
mined using M
Mathematicaa.

6.3.4 Effecct of Excipiients
A num
mber of diffeerent excipieents are usedd to stabilize highly conccentrated
ormulations of monoclon
nal antibodiees and to hellp prevent prrotein aggreggation. Viscosity
fo
data were obttained in the presence off three comm
monly used eexcipients: suucrose, Lprroline, and arginine-HCl
a
l. The effectts of argininee-HCl on thee viscosity oof the antiboddy
so
olution in a pH
p 5, 5 mM acetate bufffer with 20 m
mM NaCl arre shown in F
Figure 6.7. A
At
lo
ow protein concentration
ns, the viscossity increasees slightly with increasinng arginine
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co
oncentration
n due to the known
k
effect of argininee on the viscosity of wateer (in the
ab
bsence of prrotein). In co
ontrast, argin
nine caused a reduction in viscosity at high antibbody
co
oncentration
ns (above abo
out 150 g/L)). This effecct is quite proonounced att the highest
prrotein conceentration (≈ 270
2 g/L), wiith the viscossity decreasiing from 80 mPa.s in thee
ab
bsence of arginine to 40 mPa.s in thee presence oof 300 mM aarginine.

Figure
F
6.7. Viscosity
V
as a function off antibody cooncentrationn in a 5 mM acetate bufffer
at pH 5 with 20 mM NaC
Cl both with and withoutt added arginnine. Solid aand
dashed
d
curvees are model calculationss based on E
Equation (6.33) with Cmax =
800 g/L with b = 0.0108 L/g in the abbsence of argginine and b = 0.0090 L
L/g
in
n the presencce of 300 mM
M arginine.
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The solid and dashed curves in Figure 6.7 are the model fits using Equation (6.3).
The model is in very good agreement with the experimental results using b = 0.0108 L/g
in the absence of arginine and b = 0.0090 L/g in the presence of 300 mM arginine. The
addition of arginine also caused a small decrease in the value of the second virial
coefficient from B2 = 4.4×10-4 m3.mol/kg2 in the absence of arginine to B2 = 3.5×10-4
m3.mol/kg2 in the 300 mM arginine solution (see Chapter 4). Arginine had a larger effect
on the third virial coefficient, with B3 going from -11×10-7 m6.mol/kg3 in the absence of
arginine to -9×10-7 m6.mol/kg3 in the 300 mM arginine solution, corresponding to a
reduction in the magnitude of the attractive multi-body interactions. This behavior is
consistent with previous work by Arakawa et al. [136] who concluded that arginine
reduces the extent of protein aggregation by suppressing short range protein–protein
interactions through its association with the amino acid side chains and peptide bonds.
Arginine also alters the structure of water, as seen in changes in the surface tension [136]
as well as the solution viscosity [137].
The origin of the reduction in the viscosity coefficient b with added arginine is
unclear; the data in Figure 6.5 indicate that increasing the value of B3 (i.e., reducing the
magnitude of the negative value) would cause an increase in the value of b. Additional
experiments were thus performed using the same buffer (5 mM acetate with 20 mM NaCl
at pH 5) with 300 mM concentrations of the excipients L-proline and sucrose. In each
case, the addition of the excipient caused an increase in the viscosity of water, which led
to a small increase in the viscosity of the antibody solution at low protein concentrations.
However, the excipients significantly reduced the increase in viscosity with increasing
protein concentration, with the net result that the viscosity at high protein concentrations
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was lower than that for the solution without any excipient (similar to the results for
arginine in Figure 6.7).
The best fit values of the viscosity coefficient and the osmotic virial coefficients
for the 300 mM solutions of the different excipients are summarized in Table 6.2. All
three excipients caused a reduction in the viscosity coefficient as well as a corresponding
increase in the third virial coefficient; the effect of the excipient on the second virial
coefficient was small.

Table 6.2 Effect of excipients (300 mM concentration) on the viscosity coefficient (b),
viscosity at infinite dilution (η0), and the second and third osmotic virial
coefficients (B2 and B3) in a 5 mM acetate buffer at pH 5 with 20 mM
added NaCl
Excipient
Condition

b
.

η0

.

B2

.

B3

None

1.08

1.00

4.4 ± 0.4

-11 ± 2

Arginine-HCl

0.90

1.30

3.5 ± 0.1

-9±2

L-Proline

0.84

1.39

4.1 ± 0.1

- 10 ± 2

Sucrose

0.89

1.41

4.0 ± 0.4

-9±2

* Error limits on B2 and B3 were determined using Mathematica based on the
osmotic pressure data.

6.4

Discussion
The data obtained in this chapter provide an extensive study of the viscosity of a

highly purified monoclonal antibody, focusing on the behavior at very high protein
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concentrations and including a range of solution pH, salt concentration, and the presence
of several commonly used excipients. The viscosity of the antibody solution was
essentially independent of the shear rate over the range from 10–1000 s-1 even in highly
concentrated solutions (up to 260 g/L), although there was some evidence of weak shearthinning behavior in some of the protein solutions. The viscosity at very high antibody
concentrations (>250 g/L) was greater than 100 mPa.s at some buffer conditions. The
viscosity increased with increasing pH (over the range from pH 5 to 7) and it also
increased with increasing salt concentration (at pH 5).
The viscosity data were analyzed using the semi-empirical model developed by
Ross and Minton [135], providing a simple correlation for the concentration-dependence
of the viscosity. The viscosity coefficient b was well-correlated with data for the third
virial coefficient for the same antibody determined under identical buffer conditions.
Note that Saito et al. [35] and Connolly et al. [134] both suggested a correlation between
the viscosity and second osmotic virial coefficient based on data for a series of
monoclonal antibodies (with the virial coefficients evaluated indirectly from
sedimentation data). However, the inverse correlation seen in both of those studies is
inconsistent with available models for the viscosity of colloidal dispersions. In addition,
there is extensive previous work indicating that the viscosity of highly concentrated
antibody solutions is governed primarily by short-range attractive interactions, which
cannot be described by the positive values of the second virial coefficient. In contrast,
the values for the third virial coefficient were negative over all experimental conditions,
corresponding to short-range multi-body attractive interactions. The relationship between
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the viscosity behavior and the third virial coefficient has not been recognized previously,
in large part due to the nearly complete absence of data for the third virial coefficient.
The results reported in this chapter may also help explain the very different
behavior observed for monoclonal antibodies and other model proteins like bovine serum
albumin (BSA). For example, Heinen et al. [138] found a reduction in the viscosity of
concentrated BSA solutions with increasing salt concentration, exactly the opposite of the
behavior seen in this chapter and elsewhere for monoclonal antibodies, even though the
second osmotic virial coefficients are similar in magnitude for both proteins. However,
the third virial coefficients for BSA are positive [31], in contrast to the negative values of
the third virial coefficient for the monoclonal antibody examined in this thesis. It is not
possible to extend this analysis to other proteins due to the lack of available data on the
viscosity and third virial coefficients under comparable buffer conditions.
The addition of the excipients, such as proline, arginine, and sucrose, caused an
increase in the viscosity at low antibody concentrations where the viscosity is dominated
by that of the solvent. The behavior is very different at high antibody concentrations
where the excipients caused a significant reduction in the viscosity. For example, the
addition of 300 mM arginine caused a two-fold reduction in the viscosity. This effect
could not be explained by the change in the osmotic virial coefficients since the observed
increase in B3 was expected to cause an increase in viscosity due to the reduction in the
magnitude of the short range attractive multi-body interactions. Additional experimental
studies will be needed to clarify the origin of the complex behavior associated with these
excipients.
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Chapter 7
Theoretical Analysis of the Ultrafiltration Behavior of Highly
Concentrated Protein Solutions
Note: Most of material presented in this chapter has been submitted for publication in: E.
Binabaji, J. Ma, S. Rao, A.L. Zydney, Theoretical analysis of the ultrafiltration
behavior of highly concentrated protein solutions, Journal of Membrane Science.

7.1

Introduction
Ultrafiltration is the most commonly used method for concentration and final

formulation of recombinant therapeutic proteins, most of which are delivered by injection
[15, 18, 19]. Ultrafiltration of highly active hormones (e.g., insulin), cytokines (e.g.,
interferon), and clotting factors (e.g., Factor VIII) is relatively straightforward since these
proteins are delivered at low to moderate concentrations. In contrast, monoclonal
antibodies need to be formulated in highly concentrated solutions (up to and exceeding 200
g/L) to achieve the desired dosage in the limited volumes that can be delivered by
subcutaneous injection, creating significant challenges for ultrafiltration [15, 18, 19].
As mentioned in Chapter 2 most theoretical descriptions of the filtrate flux in
ultrafiltration systems are developed using a “stagnant film” model based on solution of the
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steady-state one-dimensional convection-diffusion equation (Equation 2.10) which can be
integrated across the concentration boundary layer (with thickness δ) assuming that the
protein diffusion coefficient (D) is constant to give the classical concentration polarization
model for a fully retentive membrane [139]:

C 
J v  k ln  w 
 Cb 

(7.1)

A variety of expressions are available for the mass transfer coefficient in different modules
[33], with these correlations developed from experimental data (obtained from both mass
and heat transfer experiments) and from solution of the appropriate convection-diffusion
equation in a particular flow system (e.g., laminar flow over a flat plate).
Although, Equation (7.1) provides an accurate description of the filtrate flux for low
to moderate protein concentrations, this simple polarization model cannot be used with
highly concentrated solutions due to the assumptions of a constant diffusion coefficient /
viscosity and the neglect of protein-protein interactions within the concentration
polarization boundary layer. A number of different approaches have been proposed to
address the limitations of the classical stagnant film model. For example, Aimar and Field
[61] accounted for the effects of the high viscosity of the concentrated solution near the
membrane surface by multiplying the mass transfer coefficient in Equation (7.1) by the
empirical correction factor ( b / w )0.27 where ηb and ηw are the viscosities evaluated using
the bulk and wall concentrations, respectively. Gekas and Hallstrom [62] used a similar
approach but with a correction factor based on the Schmidt number, ( Scb / Sc w )0.11 where

Scw 

w
to account for the dependence of both the solution viscosity and diffusion
 Dw
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coefficient on the protein concentration. Kozinski and Lightfoot [50] argued that the
product of the diffusion coefficient and viscosity was constant based on the Stokes-Einstein
equation, and that this was the key parameter governing mass transfer in a rotating disk
ultrafiltration module. Zydney [63] took a very different approach by incorporating the
concentration dependence of the diffusion coefficient directly in Equation (2.10), both
through the protein mobility and the use of the gradient in the chemical potential (instead of
the gradient in the protein concentration) for the driving force for diffusion. No attempt
was made to account for the concentration dependence of the viscosity. Model calculations
were in good agreement with experimental data obtained in a stirred ultrafiltration device.
This approach is discussed in more detail in the next section.
The objective of this work was to develop a more accurate model for the filtrate
flux in the ultrafiltration of highly concentrated protein solutions that properly accounts for:
(1) the effects of intermolecular interactions on the thermodynamic driving force for
diffusion, (2) the concentration dependence of the solution viscosity, and (3) the large
parasitic pressure losses due to flow through the tangential flow filtration (TFF) module
which can, under some circumstances, lead to back-filtration near the device exit. The key
thermodynamic (virial coefficients) and hydrodynamic (viscosity) properties were
evaluated from independent experimental measurements as discussed in Chapters 4 and 6.
The model predictions are compared with experimental data for the ultrafiltration of the
same antibody in a linearly scalable screened TFF cassette used extensively in
bioprocessing applications for final product formulation. The model is in good agreement
with the experimental results, providing important additional insights into the key factors
controlling the filtrate flux during ultrafiltration of highly concentrated protein solutions.
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7.2

Theoretical development

7.2.1 Modified Polarization Model
As discussed by Zydney [63], the diffusive solute flux in highly concentrated
solutions is proportional to the gradient in the chemical potential (µ) instead of the
gradient in the solute concentration, so that Equation (2.10) becomes:

N s  J vC 

DC  d 
 
RT  dy 

(7.2)

The gradient in the chepmical potential can be rewritten in terms of the protein osmotic
pressure (Π) as:

 d    MW  d  dC 

 
 
 dy   C  dC  dy 

(7.3)

where the osmotic pressure is conveniently expressed using a virial expansion as
discussed in Chapter 4:
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(7.4)

where the first term is the Donnan contribution. Equation (7.4) has been truncated after
the third osmotic virial coefficient (B3), which is sufficient to describe the behavior of
concentrated monoclonal antibody solutions up to concentrations of at least 250 g/L.
Note that the analysis presented by Zydney [63] only considered the term involving the
second virial coefficient and did not account for the Donnan contribution. The diffusion
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coefficient in Equation (7.2) is also a function of the protein concentration due to the
dependence of the protein mobility on the local solution viscosity:


D  D0  0






(7.5)

where Do and ηo are the diffusivity and viscosity in the limit of an infinitely dilute
solution. Note that Equation (7.5) is consistent with the Stokes-Einstein equation as
discussed by Kozinski and Lightfoot [50]. Equations (7.3) to (7.5) can be substituted into
Equation (7.2), with the resulting equation integrated over the concentration boundary
layer thickness (δ) to give the following expression for the filtrate flux:

Jv 

Cw

  0  d  dC


 Cb
 dC  C

D0

  

(7.6)

where D0/δ is related to the mass transfer coefficient and the derivative of the osmotic
pressure with respect to the protein concentration can be evaluated from Equation (7.4).
Equation (7.6) reduces to the classical stagnant film model (Equation 7.1) when the
solution viscosity is constant (η = ηo) and Z = B2 = B3 = 0, i.e., for an uncharged protein
under conditions where there are no intermolecular interactions. Equation (7.6) can be
integrated using an appropriate relationship for the viscosity as a function of the protein
concentration; this is discussed in more detail in Section 7.4.
The boundary layer thickness in Equation (7.6) is determined by the module
geometry (e.g., channel height, spacer, module length, etc.) as well as the device
hydrodynamics (e.g., feed flow rate). In addition, the boundary layer thickness depends
on Sc1/3 where Sc is the Schmidt number [139]. Therefore to take into account the effect
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of changes in the boundary layer thickness on the mass transfer coefficient, Equation
(7.6) was rewritten as:

J v  k 0  b
0





1

  0  d  dC


 dC  C
Cb

3 C

  

(7.7)

where ko is the mass transfer coefficient that would exist in the absence of any nonidealities.
As discussed in Chapter 2, there is considerable debate in the literature over the
factors that determine the wall concentration in the stagnant film model. Some
investigators have evaluated the wall concentration based on the solubility (or “gel”)
concentration for the particular protein, while others have assumed that the wall
concentration is determined by the osmotic pressure, in which case Cw can be evaluated
by simultaneous solution of the concentration polarization model (Equation 7.1 or 7.7)
and the equation describing the volumetric flux across the membrane (Equation 2.2).
Since the membrane used in this work is fully retentive to the model antibody, the protein
concentration in the filtrate is zero and the osmotic pressure difference is simply equal to
the osmotic pressure evaluated at the protein concentration at the membrane surface, Cw.
The evaluation of the wall concentration is discussed in more detail subsequently.

7.2.2 Pressure Effects
Equation (7.7) describes the local filtrate flux in a tangential flow filtration (TFF)
device. The length-average filtrate flux (or the volumetric filtrate flow rate) would then
be evaluated by integrating Equation (7.7) along the length of the module. In dilute
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solutions, the pressure drop due to flow through the channel is relatively small, in which
case the transmembrane pressure drop is often taken as a constant at its mean value. At
higher feed concentrations, the solution viscosity becomes quite high, in which case the
transmembrane pressure will vary with position:
d
PTM   a 12Q3
dz
wh

(7.8)

where Q is the local volumetric flow rate, z is the position along the length of membrane,

w is the channel width, and h is the channel height. The viscosity in Equation (7.8)
should be evaluated at an appropriate mean value to account for the variation in protein
concentration (and thus viscosity) across the concentration polarization boundary layer.
If the boundary layer is sufficiently thin, η can simply be evaluated at the bulk protein
concentration. The coefficient a is a correction factor that accounts for the additional
parasitic pressure losses associated with the screen in the TFF cassette; a = 1 in an open
channel. Equation (7.8) was used by Subramani et al. [140] to evaluate the pressure drop
in a spacer filled channel with a =1.5 – 5 depending upon the channel geometry and flow
rate.
The effect of the pressure gradient on the ultrafiltration is shown schematically in
Figure 7.1. The y-axis shows the dimensionless transmembrane pressure and the bulk
osmotic pressure, both scaled by the average transmembrane pressure difference in the
module. The osmotic pressure is evaluated at the inlet concentration, which neglects the
small variation in bulk protein concentration as one moves through module. This effect
is relatively small since typical TFF modules in bioprocessing operate at low conversion
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Figure 7.1. Schematic diagram showing the variation in the transmembrane pressure
and the osmotic pressure at both low (left panel) and high (right panel) feed
concentrations.

7.3

Materials and Methods

7.3.1 Protein Solution
A highly purified humanized monoclonal antibody was provided by Amgen with
a molecular weight of 142 kDa and isoelectric point of 8.16. The antibody was stored at 80°C and slowly thawed prior to use. The antibody was placed in the desired buffer by
diafiltration at low filtrate flux through a fully retentive UltracelTM composite regenerated
cellulose membrane with 30 kDa nominal molecular weight cut-off (Millipore Corp.,
Bedford, MA). The resulting protein solution was kept at 4°C for up to a week; solutions
used for longer periods of time were kept at -30°C. More details regarding preparation of
the protein solutions are provided in Chapter 3.

7.3.2 Ultrafiltration
Ultrafiltration experiments were performed using Pellicon 3 tangential flow
filtration (TFF) cassettes with C screen channel provided by EMD Millipore (Bedford,
MA). The cassettes housed 30 kDa Ultracel composite regenerated cellulose membranes
with a total filtration area of 88 cm2 membrane. The channel dimensions were measured
to be approximately L = 20 cm and w = 2.2 cm, yielding a membrane area of 88 cm2
since the module has two flat sheet membranes (one on each side). The channel height

122

was estimated as h = 0.024 cm based on manufacturer’s data for the feed channel hold-up
volume (1.5 mL) assuming that the spacer occupies 30% of the channel. Cassettes were
installed in the cassette holder using the procedures provided by the manufacturer. The
modules were then flushed with at least 30 L/m2 of the specific buffer to be used in the
ultrafiltration experiment. Modules were cleaned by recirculating a 0.3 N NaOH solution
for 30-60 min and stored in 0.1 N NaOH between experiments.
The feed was driven through the module using a positive displacement pump
(Masterflex, Gelsenkirchen, Germany), with the inlet (feed) and exit (retentate) pressures
evaluated using analog pressure gauges (Ashcroft, Stratford, CT). The permeate line was
simply kept at atmospheric pressure. The membrane hydraulic permeability was
evaluated from data for the filtrate flux (using DI water) as a function of the
transmembrane pressure using Equation (3.4). The feed reservoir was then filled with the
antibody solution. The transmembrane pressure was set by adjusting a pinch valve on the
retentate exit line, with the permeate flow rate evaluated by timed collection of permeate
samples. Experiments were performed in a batch concentration mode, with the retentate
recycled back to the feed reservoir while the permeate was removed. The filtrate flux
was measured as a function of time, corresponding to different bulk protein
concentrations, as the feed volume was reduced. Permeate and feed samples were taken
periodically to evaluate the bulk protein concentration and sieving coefficient using a
NanoDrop 2000c spectrophotometer (Thermo Scientific, Waltham, MA) with the
absorbance measured at 280 nm. Additional details on the ultrafiltration experiments are
provided in Chapter 3.
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7.4

Results and Discussion

7.4.1 Filtrate Flux
Figure 7.2 shows experimental data for the filtrate flux as a function of the bulk
protein concentration during ultrafiltration of the monoclonal antibody in a 5 mM acetate
buffer with 20 mM NaCl at pH 5. The data were obtained as part of a single
experimental run using a feed flow rate of Q = 45 mL/min (corresponding to a feed flux
of Q/A = 85 µm/s = 310 L/m2/h), with the protein concentration increasing as a function
of time as permeate was removed. The average transmembrane pressure
(

Pfeed  Pretentate
2

 Pfiltrate ) was kept constant at 15 psi (105 kPa) by continually adjusting

the clamp on the retentate exit. However, when the bulk protein concentration was
approximately 170 g/L, it was necessary to fully open the retentate clamp so that Pretentate
≈ Pfiltrate. Further increases in the bulk protein concentration caused additional increases
in the feed pressure (due to the increase in solution viscosity), leading to a corresponding
rise in the average transmembrane pressure.
Antibody concentrations in the initial filtrate samples were undetectable
(corresponding to concentrations less than 0.01 g/L). Low levels of antibody were
detected at the highest feed concentrations, corresponding to a sieving coefficient of
around 0.006 (99.4% retention). Overall mass balance closure was good, with the final
mass of antibody (accounting for the volume in the feed reservoir, tubing, and module)
being more than 90% of the initial mass – most of the “loss” was in the feed samples
taken during the course of the experiment. The membrane permeability evaluated at the
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end of the experiment (after gently rinsing the module with buffer) was 13% smaller than
the initial permeability, suggesting a small amount of irreversible fouling. The
permeability could be restored to within a few percent of the initial value after cleaning
with 0.3 N NaOH.
The filtrate flux during the ultrafiltration decreased with increasing bulk protein
concentration as expected, with the data looking nearly linear when plotted as a function
of the logarithm of the bulk protein concentration as suggested by Equation (7.1) (results
in Figure 7.2). The maximum achievable protein concentration for this experiment was
approximately 225 g/L, which was attained after 1 hr of ultrafiltration; continued
circulation of the feed through the module for an additional 3 hr gave no measurable
filtrate flux and thus no change in the feed concentration. The dashed line in Figure 7.2
is the filtrate flux given by the simple stagnant film model (Equation 7.2) using Cw = 225
g/L and km = 5.8 µm/s (21 L/m2/h).
Although the simple stagnant film model appears to be in good agreement with
the data, there are two major problems with this analysis. First, the calculated value of
the wall concentration (Cw = 225 g/L) is well below the gel concentration for this
monoclonal antibody, and it is also well below the value needed to provide the necessary
osmotic pressure to limit the filtrate flux. Data for the osmotic pressure for this antibody
in identical buffer conditions from Chapter 4 give ∆Π = 44 kPa at a protein concentration
of 225 g/L. The filtrate flux evaluated from Equation (2.2) using this value of ∆Π and a
transmembrane pressure of 105 kPa is Jv = 42 µm/s (based on the “fouled” membrane
permeability), which is several times larger than the measured filtrate flux at the very
start of the experiment (i.e., at a bulk protein concentration of <30 g/L). A much higher
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dJ v
dJ
 Cb v
d ln Cb 
dCb

(7.9)

using finite difference representations for the derivative accounting for the non-uniform
spacing of the bulk concentration data. Figure 7.3 shows the variation in the slope as a
function of bulk protein concentration. The calculated values of the slope initially
decrease with increasing bulk protein concentration but then appear to go through a weak
minimum around Cb = 170 g/L. This is in sharp contrast to the constant value of the
slope (equal to the mass transfer coefficient) given by Equation (7.1). This will be
discussed in more details in section 7.4.
The solid curve in Figure 7.3 is developed from the modified polarization model
(Equation 7.7), with the viscosity of the antibody solution given as:






Cmax 

bC

 exp 
0
 1 C


(7.10)

with b = 0.0108 L/g and Cmax = 800 g/L based on the experimental correlation developed
in Chapter 6. Equation (7.7) is integrated numerically in Mathematica with B2 = 4.4×10-4
m3.mol/kg2 and B3 = -11×10-7 m6.mol/kg3 as determined from osmotic pressure
measurements and Z = 14 (from electrophoretic light scattering) using ko = 1.6 µm/s and

Cw = 330 g/L (the evaluation of ko and Cw is discussed in more detail subsequently). The
slope is then evaluated by numerical differentiation of an interpolation function that is fit
to the integral using Mathematica. The slope given by this modified polarization model
is in very good agreement with the experimental data for Cb < 170 g/L, properly
capturing the changes in slope with increasing bulk protein concentration. However, the
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solution through the TFF module. Figure 7.4 shows experimental data for the module
pressure drop, ∆Pmodule = Pfeed – Pretentate, as a function of the bulk protein concentration
(top panel). The pressure drop is less than 50 kPa for the dilute solutions but increases to
more than 400 kPa (58 psi) at a bulk protein concentration of 217 g/L. The solid curve
shows the calculated values of the pressure drop given by integration of Equation (7.8)
assuming that the volumetric flow rate (Q) and the solution viscosity (η) are both constant
at their inlet (bulk) values. The integration was performed over a length L + 2Lo to
account for the pressure drop across the inlet and outlet headers of the module (each
modeled as having an effective length Lo = 0.01 m using the same channel height as in
the rest of the module). Note that a filtrate flux of 10 µm/s (corresponding to a bulk
protein concentration of 40 g/L) gives a volumetric filtrate flow rate of 5.3 mL/min,
which is less 12% of the feed flow rate; the variation in Q is significantly smaller at high

Cb due to the reduction in filtrate flux. The model calculations, using the best fit value of
the channel correction factor (a = 2.5), are in very good agreement with the data over the
entire range of bulk protein concentrations.
The lower panel in Figure 7.4 shows the corresponding values of the exit
transmembrane pressure. At low bulk protein concentrations, the exit transmembrane
pressure is nearly constant at a value of 90 kPa, consistent with the 35 kPa pressure drop
through the module (with the mean ∆PTM = 105 kPa). The exit transmembrane pressure
decreased as the bulk protein concentration increased so that the average transmembrane
pressure remained constant. The pinch clamp was fully opened at a bulk protein
concentration of 170 g/L, with the exit transmembrane pressure becoming approximately
equal to the filtrate pressure at bulk concentrations above this value. Also shown for
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comparison are the calculated values of the bulk osmotic pressure, i.e., the osmotic
pressure evaluated at C = Cb. The bulk osmotic pressure is much less than the exit
transmembrane pressure at low protein concentrations, but the situation is reversed at
high Cb, giving rise to a reverse filtration in the latter portion of the module (as given by
Equation 2.2). The value of the bulk protein concentration at the onset of reverse
filtration, i.e., when ∆PTM first drops below ΔΠ, can be evaluated as:

P TM 

6aQb L
 b
wh 3

(7.11)

where  b and Πb are the viscosity and osmotic pressure evaluated at C = Cb using
Equations (7.10) and (7.4), respectively. Equation (7.11) can be solved iteratively using a
mean transmembrane pressure of ∆ P TM = 105 kPa giving Cb = 165 g/L, in excellent
agreement with the results in Figure 7.4. Note that this is also close to where the model
and data begin to diverge in Figure 7.3, i.e., the inability of Equation (7.7) to accurately
predict the slope at high bulk protein concentrations is directly due to the onset of backfiltration in the TFF cassette.
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In order to properly evaluate the filtrate flux at high bulk protein concentrations, it
is necessary to account for the effect of back-filtration on the total volumetric filtrate flow
rate through the membrane. Equation (7.7) was used to evaluate the positive flux in the
first portion of the module, where ∆PTM > Πb, while Equation (2.2) was used to evaluate
the reverse flux in the latter portion of the module assuming that ∆Π = Πb. The protein
concentration at the membrane surface in the region of reverse filtration is likely to be a
complex function of the module and fluid flow due to the “reverse concentration
polarization” in combination with the convective transport of the protein within the
highly concentrated boundary layer further down the module. The use of the bulk protein
concentration to evaluate ∆Π should provide a reasonable approximation to this more
complex situation. In addition, the effective membrane permeability (Lp.eff) for flow in
the reverse direction will be less than the true membrane permeability due to
concentration polarization effects as discussed in Chapter 4:

J back
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(7.12)

where ∆PTM is the local transmembrane pressure, which decreases with increasing
position (z) in the module, and kback is the mass transfer coefficient in the region of backfiltration.
The location at which back-filtration first occurs, denoted as the cross-over point

z*, can be determined by solving for z corresponding to ∆PTM = Πb (with z = 0
corresponding to the entrance to the membrane, i.e., after the inlet header) giving:
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for ∆PTM,exit > 0 and

z*  L  Lo 

wh 3
b
12aQb

(7.14)

for ∆PTM,exit = 0 (i.e., at high feed concentrations where the exit retentate clamp is fully
open). z* moves inward as Cb increases, going from z* = L at Cb = 165 g/L to z*/L = 0.87
at Cb = 183 g/L for an inlet feed flow rate of 45 mL/min.
The solid curve in Figure 7.2 represents the calculated values of the filtrate flux
given by the polarization model accounting for back-filtration, while the dashed curve in
Figure 7.3 represents the calculated values of the slope. The model calculations for the
flux are in excellent agreement with the experimental data over the full range of antibody
concentrations. The dashed and dotted curves in Figure 7.3 are identical to the solid
curve for Cb < 170 g/L, i.e. under conditions where there is no back-filtration. However,
the complete model, which accounts for the effects of back-filtration, is able to capture
the observed increase in slope at the highest bulk concentrations. The dotted curve in
Figure 7.3 is the detailed model calculation using Mathematica – the model predicts a
sharp jump in slope at the onset of back-filtration (leading to a rapid decrease in the flux).
The dashed curve in Figure 7.3 is the “smoothed” derivative, calculated by numerical
differentiation of the model using a centered difference representation with ∆C = 15 g/L.
This smoothed derivative provides a better representation of the experimental results,
which were determined by numerical differentiation of the discrete flux values – this type
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of numerical differentiation is unable to capture the type of discontinuous change in the
derivative seen in the full model. The discrepancies between the model and experimental
results for slope at the high protein concentrations is likely due to a combination of the
numerical differentiation along with difficulties in evaluating the back-filtration flux in
the region where the local transmembrane pressure is less than the local bulk osmotic
pressure difference across the membrane.

7.4.3 Modified Polarization Model
The effects of intermolecular interactions on bulk mass transfer can be described
by the function that multiplies the term dC/C in Equation (7.7). The calculated values of
the intermolecular interaction function, f,

 MW
f 
 RT

  0

 

 d 


 dC 

(7.15)

were evaluated using the previously determined values of the virial coefficients and
viscosity for the monoclonal antibody solution with the results for the pH 5 acetate buffer
with 20 mM NaCl shown in Figure 7.5. The horizontal dashed line shows f = 1 as would
be the case in the absence of any intermolecular interactions (i.e., as assumed in the
classical stagnant film model). The intermolecular interaction function for the
monoclonal antibody is equal to one at C = 0 but initially increases with increasing bulk
protein concentration due to the higher order terms in the expression for the protein
osmotic pressure (Chapter 4). The function f attains its maximum value of f ≈ 4.4 at Cb ≈
55 g/L and then decreases sharply at higher protein concentrations due to the rapid
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change in the local transmembrane pressure, an average value for the wall concentration
was determined based on the assumption that the filtrate flux is limited by the osmotic
pressure of the highly concentrated protein solution in the immediate vicinity of the
membrane surface (i.e., at C = Cw). The extrapolated values of the osmotic pressure
given by the virial expansion developed in Chapter 4 (Equation 4.5) goes through a
maximum at Cw = 330 g/L due to the negative value of the third virial coefficient;
extrapolation to higher concentrations would require values of the higher order virial
coefficients. Model calculations were thus performed using Cw = 330 g/L, which
eliminated any artifacts associated with the negative values of f at protein concentrations
above this value. Model calculations performed over a range of Cw values (from 300 to
500 g/L) gave essentially identical values of the filtrate flux. The best fit value of ko was
then determined by minimizing the sum of the squared residuals between the model
(numerical integration of Equation 7.7) and the experimental data under conditions where
there was no back-filtration, i.e., for filtrate flux values at Cb < 170 g/L. This gave ko =
1.6 µm/s based on the experimental data in Figure 7.2. The mass transfer coefficient for
back-filtration was estimated as kback = 5.5 ko which accounts (at least approximately) for
the enhancement in mass transfer arising from the chemical potential driving force in
Equation (7.2).
The model calculations at the highest bulk protein concentrations were performed
by accounting for the effects of back-filtration. In this case, numerical integration of
Equation (7.7) was only used in the region where PTM > Πb, with Equation (7.12) used
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to evaluate the reverse flux where ΔPTM < Πb. Since the transmembrane pressure varies
linearly with position, the net flux under these conditions is given as:

 
J v  k0  b 
 0 

1

3

 

Cw MW   0  d  dC  *
z L 
 

 
 Cb  RT    dC  C 
 LP ,eff

 0









(7.16)

2
  6Q b aL  
L0
z*
z* 
 
1
2
1



3


L
L
L 
  wh  

where Cw has been taken as a constant in the entire region with positive filtration and z* is
the position at which PTM = Πb as given by Equation (7.12) or (7.13). The presence of
this back-filtration leads to a maximum achievable antibody concentration that is much
smaller than the wall concentration (Cw = 330 g/L). Under these conditions, the positive
filtrate flux over the first part of the channel exactly balances the reverse (back-filtration)
flux near the channel inlet, leading to a net flux of zero (as given by Equation 7.15).
Figures 7.6 and 7.7 show a comparison between the model calculations and the
experimental results during ultrafiltration of the monoclonal antibody at feed flow rates
of 25, 45, and 65 mL/min through the Pellicon 3 module. The solid curves are the model
calculations given by Equation (7.16), with the ko values at 25 and 65 ml/min determined
by scaling as Q1/2 based on the correlation for mass transfer in a screened module [141].
The wall concentration was fixed at 330 g/L for all three feed flow rates since the data
were all obtained at the same mean transmembrane pressure. The model calculations are
in very good agreement with the experimental results for both the filtrate flux (Figure
7.6) and the smoothed slope (Figure 7.7) at all 3 flow rates, with the smoothed sloped
determined by numerical differentiation of the model calculations as described
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7.5

Conclusions
The need to formulate monoclonal antibody products at very high protein

concentrations (above 200 g/L) has created major challenges for the design and
application of ultrafiltration processes for final formulation of monoclonal antibodies. A
new mathematical model was developed specifically to describe the filtrate flux behavior
during ultrafiltration of these highly concentrated monoclonal antibody solutions. The
model includes two basic phenomena: (1) the filtrate flux over most of the channel is
evaluated using a modified form of the stagnant film model in which the driving force is
expressed in terms of the gradient in the chemical potential (evaluated using data for the
osmotic virial coefficients) with the protein mobility accounting for the concentration
dependence of the solution viscosity, and (2) the large parasitic pressure losses due to
flow through the screened channel (particularly at high bulk protein concentrations)
causes a negative filtrate flux, or back-filtration, near the exit of the module where the
transmembrane pressure becomes less than the osmotic pressure. This back-filtration
reduces the value of the length-average filtrate flux, and it causes the maximum or
limiting value of the antibody concentration, i.e., the antibody concentration at which the
filtrate flux equals zero, to drop well below the wall concentration.
Model calculations were performed for a highly purified monoclonal antibody
(provided by Amgen) based on independent measurements for the osmotic pressure and
virial coefficients (Chapter 4) and the solution viscosity (Chapter 6) up to protein
concentrations of at least 250 g/L. The model was in good agreement with experimental
data obtained in a linearly-scalable Pellicon 3 tangential flow filtration module
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commonly used in downstream processing of monoclonal antibodies. The model
properly captures the observed variation of the filtrate flux with bulk protein
concentration, including the complex dependence of the slope in the plot of flux versus
the logarithm of Cb. In addition, the model is able to accurately predict the maximum
achievable protein concentration and its dependence on the feed flow rate; increasing the
feed flow rate leads to a reduction in the maximum achievable protein concentration due
to the increase in back-filtration arising from the larger pressure loss associated with flow
through the channel. Thus, it should be possible to obtain antibody formulations with
higher protein concentration by decreasing the feed flow rate towards the end of the
ultrafiltration process; high feed flow rates can be used over most of the ultrafiltration to
provide high filtrate flux while the low feed flow rate in the final stage of the
ultrafiltration reduces the extent of back-filtration by reducing the parasitic pressure
losses. This model provides new insights into the ultrafiltration behavior of highly
concentrated protein solutions as well as an appropriate framework for the design and
analysis of ultrafiltration processes / systems for the formulation important recombinant
protein products.
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Chapter 8
Ultrafiltration Behavior of Highly Concentrated Monoclonal
Antibody Solutions: Effect of Physicochemical and Operating
Conditions

8.1

Introduction
The growing interest in developing high concentration formulations for

monoclonal antibody products [15, 17] requires a fundamental understanding of the key
factors controlling the ultrafiltration behavior of highly concentrated monoclonal
antibody solutions, including the dramatic decrease in filtrate flux at high bulk protein
concentrations which limits the maximum achievable concentration [15, 18]. The
modified concentration polarization model developed in Chapter 7 provides an
appropriate theoretical framework for the analysis of these ultrafiltration phenomena.
The objective of the studies described in this chapter are to use that model framework to
examine the effects of module geometry (e.g., spacer design and TFF cassette versus
hollow fiber) and solution conditions (e.g., pH, ionic strength, and presence of excipients)
on antibody ultrafiltration.
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8.2

Materials and Methods

8.2.1

Protein Solutions
A highly purified humanized monoclonal antibody was provided by Amgen with

a molecular weight of 142 kDa and isoelectric point of 8.16. The antibody was stored at
-80°C and slowly thawed prior to use. The antibody was placed in the desired buffer by
diafiltration at low filtrate flux through a fully retentive UltracelTM composite regenerated
cellulose membrane with 30 kDa nominal molecular weight cut-off (Millipore Corp.,
Bedford, MA). Protein solutions with different pH (5, 6, and 7), different ionic strength
(10, 20, and 100 mM NaCl), and different excipients (arginine, L-proline, or sucrose)
were prepared as described in Chapter 3. The resulting protein solutions were kept at 4°C
for up to a week; solutions used for longer periods of time were kept at -30°C.

8.2.2 Ultrafiltration
Ultrafiltration experiments were performed using Pellicon 3 tangential flow
filtration (TFF) ultrafiltration cassettes (Millipore Corp., Bedford, MA) and MicroKros®
hollow fiber modules (Spectrum Labs, Rancho Dominguez, CA). The Pellicon 3 cassettes
have screened channels and house two flat sheet 30 kDa Ultracel composite regenerated
cellulose membranes with channel length of 20 cm and width of 2.2 cm, providing a total
membrane area of 88 cm2. Modules were examined with both C (Millipore, P3C030C00)
and D (Millipore, P3C030D00) screens; the D screen cassettes are specifically designed
to accommodate highly viscous solutions. The channel heights for the Pellicon 3 cassettes
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were estimated as follows. The hold-up volume for the feed channel in the C screen
cassette is given by the manufacturer as 1.5 mL – this gives a channel height of h = 240
µm assuming that the screen occupies 30% of the channel volume. The manufacturer’s
value for the hold-up volume for the D screen cassette is given as 4 mL (more than 2.5
times the hold-up volume for the C screen cassette), but this provides an unrealistic
estimate for the channel height. The ratio of the hold-up volumes for the D-screen and Cscreen cassettes for Pellicon 3 modules with 0.11, 0.57, and 1.14 m2 membrane area was
around 1.3. This ratio was used to calculate the channel height assuming that the D
screen occupies 10% of the channel volume giving a channel height of h = 240 µm. This
value was used in all subsequent calculations for the D screen cassette.
Cassettes were installed in the cassette holder and prepared for use in the
ultrafiltration experiments using the procedures provided by Millipore. All modules were
initially flushed with at least 500 mL of DI water to remove the shipping / storage
solution and thoroughly wet the membrane pore structure. The modules were then
flushed with 300 mL of the specific buffer to be used in the protein ultrafiltration. After
each experiment, the module was cleaned by recirculating a solution of 0.3 N NaOH at
pH 10.5 for 30 min and then was stored in 0.1 N NaOH.
Ultrafiltration experiments were also performed using MicroKros® hollow fiber
modules with 30 kDa modified polyethersulfone (mPES) membranes. The hollow fibers
have an inner diameter of 500 µm and are available with fiber lengths of 20, 40, and 65
cm, corresponding to membrane areas of 20, 40, and 60 cm2, respectively, for the
modules with 6 fibers (Spectrum Labs, C02-E030-05-N). Hollow fiber modules were
mounted vertically and prepared following the procedures provided by Spectrum Labs.
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This involved initially flushing with 200 mL of DI water at 5 psi, rinsing with a solution
of 50% isopropanol at 3-4 psi for an hour, and flushing with an additional 500 mL of DI
water at 5 psi. The membrane hydraulic permeability was then measured using DI water;
modules were only used if the permeability was at least 20 L/m2/hr/psi). The module was
then flushed with 100 mL of the specific buffer to be used in the protein ultrafiltration.
Modules were cleaned by recirculating a solution of 0.5 N NaOH for 1 hour and then
stored in DI water at 4°C between experiments.
The same experimental set up was used for the Pellicon 3 and hollow fiber
modules as shown schematically in Figure 3.7. The feed was driven through the module
using a positive displacement pump (Masterflex, Gelsenkirchen, Germany). The
membrane hydraulic permeability was evaluated from data obtained for the filtrate flux
over a range of transmembrane pressure using DI water. The feed reservoir was then
filled with the antibody solution. The transmembrane pressure was set by adjusting a
valve on the retentate exit line, with the permeate flow rate evaluated via timed collection
of permeate samples obtained throughout the ultrafiltration. Experiments were performed
in a batch concentration mode at constant transmembrane pressure (by adjusting the
pinch valve on the retentate exit line), with the retentate recycled back to the feed
reservoir while permeate was removed. This allowed data to be obtained over a range of
antibody concentrations in a single experimental run. Permeate and feed samples were
taken periodically for off-line analysis of the antibody concentration.
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8.3

Results and Analysis

8.3.1 Batch Ultrafiltration
In order to effectively evaluate the effects of the bulk protein concentration on the
filtrate flux, while also providing an accurate small-scale model of commercial
ultrafiltration processes, all experiments were performed in batch ultrafiltration mode
with the filtrate flux and antibody concentration evaluated as a function of time as the
filtrate was removed and the feed was concentrated. Typical experimental data are shown
in Figure 8.1 for ultrafiltration of the monoclonal antibody solution in a 5 mM acetate
buffer at pH 5 with 20 mM NaCl in a Pellicon 3 module with C screen. The initial feed
had an antibody concentration of 25 g/L. The average transmembrane pressure was kept
constant during the ultrafiltration at a value of approximately 105 kPa = 15 psi by
adjusting the retentate valve (partially opening). This was not possible at very high bulk
protein concentrations (> 170 g/L for this run) since it would have required a negative
exit transmembrane pressure. Instead, data at the highest protein concentrations were
obtained with the retentate valve fully open (i.e., with the exit retentate pressure
approximately equal to the filtrate pressure), with the mean transmembrane pressure
increasing with increasing feed concentration under these conditions.
The filtrate flux decreased with time during the ultrafiltration process due to the
corresponding increase in the bulk protein concentration. For example, within the first 20
min of the batch ultrafiltration process the filtrate flux decreased from 13.9 to 8.5 μm/s
(around 40%) while the feed concentration increased from 20 to 50 g/L. This was not due
to any time-dependent fouling. Limited experiments performed using total recycle, i.e.,
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with
w constantt bulk protein
n concentrattion, gave filltrate flux vaalues that weere essentiallly
in
ndependent of
o time (variiations of lesss than 5%) oover 10 min of ultrafiltraation.

Figure
F
8.1. Filtrate
F
flux and
a bulk pro
otein concenttration as a ffunction of tiime during
batch
b
ultrafilttration of thee monoclonaal antibody ssolution in a 5 mM acetaate
buffer
b
at pH 5 with 20 mM
M NaCl usinng the Pelliccon 3 TFF m
module with C
sccreen.

8.3.2 Screeen Effects in
i Pellicon 3 Cassettees
The ex
xperimental data in Figu
ure 8.1 have been re-plottted in Figurre 8.2 as an
ex
xplicit function of the bu
ulk antibody
y concentration. The fluxx decreases w
with increasiing
an
ntibody conccentration, with
w the dataa being nearlyy linear on tthe semi-log plot (consisstent
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with the form of the simple concentration polarization model). The solid curve represents
the model calculations as discussed in Chapter 7.
Also shown for comparison are results obtained in a Pellicon 3 module with a
different internal screen. As mentioned earlier, tangential flow filtration cassettes have
internal screens to provide mixing and increased mass transport [141, 142]. However, the
screen also increases the parasitic pressure losses within the module, which can be
critically important for highly viscous solutions. Two versions of the Pellicon 3 module
are available commercially: the D screen module is specifically marketed “to be
optimized for applications that require higher viscosity and concentration” [143]. The
data in Figure 8.2 were obtained using the same monoclonal antibody solution (pH 5
acetate buffer with 20 mM NaCl) at the same feed flow rate of 45 mL/min; the only
difference in the experiments is the internal screen within the Pellicon 3 modules.
Somewhat surprisingly, the filtrate flux is slightly higher in the D screen module,
even though the spacer in this module should provide less internal mixing (due to more
open structure). The solid curves in Figure 8.2 are model calculations using the modified
polarization model with ko = 1.9 μm/s for the D screen and 1.6 µm/s for the C screen; all
other model parameters (e.g., b, B2, B3, and Cw) are the same for the two modules and are
the same as what discussed in Chapter 7. The model calculations are in good agreement
with the experimental data, although the origin of the greater value of ko in the D screen
module is unclear.
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Figure
F
8.2. Filtrate
F
flux as
a a function
n of the bulk protein conccentration duuring batch
ultrafiltration
u
n in the C and
d D screen m
modules. Daata obtained with a 5 mM
M
acetate bufferr with 20 mM
M NaCl at a feed flow raate of 45 mL
L/min. Solid
curves are mo
odel calculattions using m
modified pollarization moodel.

The D screen mod
dule also hass a higher vaalue for the m
maximum acchievable prootein
oncentration
n (255 g/L veersus 225 g/L
L in the C sccreen modulle), consistennt with the
co
reeduction in the
t pressure drop. The efffect of the sscreen on thee module preessure drop iis
sh
hown in Figu
ure 8.3. The pressure dro
op in the D sscreen moduule is aroundd 30% smalleer
th
han the valuees in the C screen modulle over the fu
full concentraation range. The solid cuurves
in
n Figure 8.3 are the mod
del calculatio
ons developeed using Equuation 7.8 wiith a = 2.5 foor the
C screen mod
dule and a = 1.9 for the D screen moodule.
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Figure
F
8.3. Module
M
presssure drop forr the C-screeen and D-scrreen Pelliconn 3 cassettes
during
d
batch antibody ulttrafiltration. Data obtainned with a 5 m
mM acetate
buffer
b
at pH 5 with 20 mM
M NaCl, usiing a feed floow rate of 45 mL/min.
Solid
S
curves given by Eq
quation (7.8) using a=2.55 for C screeen and a=1.99
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8.3.3 Hollo
ow Fiber Modules
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Althou
ugh antibody
y ultrafiltration is typicaally performeed in screeneed cassettes,,
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These
T
hollow
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ules are much
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by
y backflushiing, and the absence of an
a internal sccreen leads tto lower paraasitic pressuure
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losses. Figure 8.4 shows a comparison of the filtrate flux data with a 20 cm long hollow
fiber module with that of the C and D screen cassettes. The feed flow rate in the hollow
fiber module was chosen to provide the same linear velocity as in the Pellicon 3 module
channel (Q/Nπr2 = Q/ε0wh = 0.20 m/s where r is the radius of the fiber lumen and N is
the number of fibers and ε0 = 0.7 is the void volume in the C screen cassette with w = 2.2
cm and h = 240 µm).
The filtrate flux in the hollow fiber module is much smaller than that in the
Pellicon 3 cassettes at low antibody concentrations due to the absence of any mixing in
the hollow fiber module (compared to that in the screened channels). The best fit value of

k0 for the hollow fiber module was only 0.59 µm/s, which is almost a factor of three
smaller than that for both Pellicon 3 modules. However, the opposite behavior was
observed at very high protein concentrations, with the maximum achievable antibody
concentration in the hollow fiber module (Cmax = 300 g/L) being significantly greater than
that obtained with either the C screen or D screen modules. The solid curves in Figure 8.4
are the model calculations using the same values for b, B2, B3, and Cw in all three modules
and are the same as what discussed in Chapter 7. The only difference in the calculations
are the values of ko and the evaluation of the pressure drop through the module, which
was done using Equation (7.8) for the screened cassettes and the Hagen-Poiseuille
equation for the hollow fiber module:
P 

128QL
Nd 4

(8.1)

where d is the diameter of the fiber lumen, N is the number of fibers, Q is the feed
flowrate, L is the length of the module channel, and η is the solution viscosity. Equation
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8.1 is missing
g the correctiion factor (aas shown in E
Equation 7.88) since theree is no screeen in
th
he hollow fib
ber module. The model calculations
c
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m
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ntibody conccentration.
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b
n
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This increase in flux at high bulk protein concentrations is a direct result of the
smaller pressure drop in the hollow fiber module as shown in Figure 8.5; the pressure
drop in the hollow fiber module at an antibody concentration of 200 g/L was less than
100 kPa compared to values of 202 and 300 kPa in the D and C screen modules,
respectively. This lower pressure drop significantly reduces the effects of back-filtration,
allowing the maximum achievable protein concentration to more closely approach the Cw
value for ultrafiltration in the hollow fiber module. The solid curves are model
calculations given by Equations (7.8) and (8.1) for the screened and hollow fiber
modules, respectively, using the same expression for the viscosity of the antibody
solutions.
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Figure
F
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fiibers with 50
00 µm inner diameter). The
T solid currves are the model calcuulations given by
Equation
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(8.1
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Figure
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Figures 8.7 shows the effects of the fiber length on the filtrate flux. Model
calculations were performed with the ko values scaled as L-1/3 based on results from the
Graetz-Leveque equation [60]:

 D 2 w 

k  0.538
x



1

3

(8.2)

where k is the mass transfer coefficient, D is the diffusion coefficient, γw is the wall shear
rate, and x is axial distance. The filtrate flux decreases with increasing fiber length, and
the maximum achievable antibody concentration shifts to a smaller value. This latter
effect is quite pronounced, with the maximum achievable wall concentration decreasing
from slightly more than 300 g/L in the 20 cm fiber to around 210 g/L in the 40 cm fiber
and to less than 190 g/L in the 65 cm module due to the large increase in the axial
pressure drop (Figure 8.7).
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Figure
F
8.7. Experimental
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8.3.4 Buffeer Effects
Figuree 8.9 comparres experimeental data foor batch ultraafiltration off the monocloonal
an
ntibody at pH
H 5 (obtaineed using a 5 mM
m acetate buffer with 20 mM NaC
Cl) with thatt at
pH
H 6 and 7 (o
obtained usin
ng a 5 mM phosphate
p
buuffer with 200 mM NaCl). All
ex
xperiments were
w perform
med using a Pellicon 3 m
module with C screen at constant aveerage
trransmembran
ne pressure of
o 105 kPa (except
(
for ddata at the highest bulk pprotein
co
oncentration
ns where the retentate vaalve was fullyy open).

Figure
F
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concentration
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monoclonal
antibody solu
ution through
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L/min. Solid curves are m
model calcullations develloped using the
modified
m
polaarization mo
odel accountting for backk-filtration ass described iin
Chapter
C
7.
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The filtrate flux at any given antibody concentration decreased with increasing
pH. This effect is quite dramatic in going from pH 5 to pH 6, with a much smaller
reduction in flux for the data at pH 7. For example, the filtrate flux at Cb = 60 g/L
decreased from 7.3 to 3.8 μm/s, i.e., by more than 50%, as the pH increased from pH 5 to
pH 6. This reduction in filtrate flux occurs even though the osmotic pressure of the
antibody solution is greatest at pH 5 (which would be expected to cause a lower flux due
to the reduction in the effective pressure driving force as given by Equation 2.2). Instead,
the reduction in filtrate flux with increasing pH is likely due to two main effects: (1) the
reduction in the chemical potential gradient that drives back diffusion, and (2) the
increase in solution viscosity with increasing pH (see Figure 6.3).
The solid curves in Figure 8.9 are the predicted values of the filtrate flux given by
the modified concentration polarization model accounting for back-filtration developed in
Chapter 7. In each case, the pressure drop due to flow through the Pellicon 3 module was
calculated by integration of Equation (7.8) using the appropriate expression for the
solution viscosity with a = 2.5 at all three pH. Model calculations were performed by
numerical integration of Equation 7.15 using appropriate correlations for the protein
osmotic pressure (Chapter 4) and solution viscosity (Chapter 6) at each pH. The wall
concentration (Cw) was set to 330 g/L (identical to the value determined at pH 5 as
discussed in Chapter 7) for the model calculations in the different buffer conditions due
to difficulties encountered in extrapolating the osmotic pressure data up to the very high
concentrations at which ΔΠb = 105 kPa. Specifically, the virial expansion used to describe
the osmotic pressure data was truncated after three terms (up to B3), with the B3 values
being negative. This led to a maximum in the osmotic pressure at a bulk protein
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concentration around 670 g/L at pH 6 and 330 g/L at pH 7, with the maximum value of

Π being less than the mean transmembrane pressure. It is also worth mentioning that
model calculations using different Cw values (in the range of 300 to 500 g/L) were
practically identical showing that the choice of Cw will not dramatically influence the
model predictions. The model calculations are in very good agreement with the filtrate
flux data at all 3 pH using a single value of ko = 1.6 μm/s, with all other model
parameters determined from independent experimental measurements.
The effects of pH on the ultrafiltration behavior can be seen more clearly by
explicitly evaluating the intermolecular interaction function, f (from Equation 7.14) for
different pH values as shown in Figure 8.11. In each case the function starts at f = 1 for

Cb = 0 and initially increases with increasing bulk protein concentration due to the
increase in chemical potential gradient. The values of f are greatest at pH 5 due to the
large osmotic pressure under these conditions arising from the strong intermolecular
repulsive interactions (large positive value of B2). The intermolecular interaction function
goes through a maximum and then decays to zero at very high antibody concentrations
due to the large (exponential) increase in the solution viscosity. The values of f at pH 5
drop below the values at pH 6 for antibody concentrations above 240 g/L due to the much
stronger dependence of the solution viscosity on antibody concentration in the lower pH
solution (larger value of b in the viscosity correlation).

161

Figure
F
8.11. Intermolecu
ular interactio
on function iin Equation (7.7) as a fuunction of buulk
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conceentration for different pH
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model
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Figure 8.12 are model callculations deeveloped by numerical inntegration off the modifieed
polarization model
m
(Equaation 7.15) using the corrrelations forr the viscositty and osmottic
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Figure
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concentration
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polarization
p
model
m
accou
unting for baack-filtrationn.
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The reduction in the maximum achievable antibody concentration with increasing
salt concentration (i.e. ionic strength) seen in Figure 8.12 is directly due to the increase in
the extent of back-filtration associated with the higher viscosity under these conditions.
This can be seen more clearly in Figure 8.13 which shows the pressure drop due to flow
through the module as a function of the bulk antibody concentration. The pressure drop
in the 10 mM NaCl solution is below 200 kPa at Cb = 180 g/L compared to a value above
300 kPa in the 100 mM NaCl at the same antibody concentration. The pressure drop in
the 10 mM NaCl solution is sufficiently low that there is no back-filtration until the
antibody concentration exceeds 220 g/L, leading to the larger value of the maximum
achievable antibody concentration seen in Figure 8.12.
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Figure
F
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diffusion. Th
he net result is that the filtrate flux annd maximum
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co
oncentration
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p
/ abbsence of thee different excipients. Thhe
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polarization
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unting for baack-filtrationn.
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8.3

Conclusions
The data presented in this Chapter provide an extensive experimental

investigation of the effects of solution conditions and module design on the ultrafiltration
behavior of monoclonal antibodies, including results at the very high antibody
concentrations required in current formulations. The filtrate flux was greater in the
Pellicon 3 module with the more “open” D screen, which is specifically designed to
handle more viscous solutions. The smaller pressure drop in the D screen module did
reduce the extent of back-filtration, thereby increasing the maximum achievable antibody
concentration. The D screen module also provided greater flux at low antibody
concentrations, suggesting a larger value for the intrinsic mass transfer coefficient. The
origin of this behavior is unclear; the more open D screen would have been expected to
provide less mixing and thus a smaller value of the mass transfer coefficient.
The effects of back-filtration on the filtrate flux were very clearly seen in data
obtained with a series of hollow fiber modules with different fiber length. Increasing the
fiber length from 20 to 65 cm caused a large increase in the axial pressure drop due to
flow through the module, increasing the amount of back-filtration and reducing the
maximum achievable antibody concentration from more than 300 g/L to less than 190
g/L. The use of even shorter membrane modules would allow one to obtain even higher
final formulation concentrations, although it would be difficult to achieve the required
membrane area for large-scale commercial processes using such devices.
Decreasing solution pH or salt concentration both cause an increase in the osmotic
pressure of the antibody solution, but this actually leads to an increase in the filtrate flux
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due to the increase in the gradient in the chemical potential (i.e., the driving force for
diffusion) and the reduction in solution viscosity (i.e., the resistance to protein motion).
The decrease in solution viscosity with decreasing pH also leads to a reduction in backfiltration, increasing the maximum achievable antibody concentration at low pH and low
ionic strength. The effect of excipients on ultrafiltration behavior was more complicated
due to the combined changes in osmotic pressure, virial coefficients, and viscosity,
although the net effect on the filtrate flux was relatively small under the conditions
examined in this work.
The results presented in this chapter provide important insights into the key
factors that determine the ultrafiltration behavior of highly concentrated monoclonal
antibody solutions, including both the bulk mass transfer rate and the extent of backfiltration. The results and model calculations provide a framework for the development of
new processes and / or modules to enhance the performance of ultrafiltration systems for
the formulation of monoclonal antibodies and other important therapeutics in the
biotechnology industry.
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Chapter 9

Conclusions and Recommendations for Future Work

9.1

Introduction
The growing interest in the production of monoclonal antibody therapeutics and

their need to be administered at high doses requires the use of highly concentrated final
formulations. The current target for monoclonal antibody products is around 150 g/L;
even higher concentrations must be achieved in ultrafiltration systems to accommodate
the small dilution that occurs when product is recovered from the ultrafiltration module
[17]. There are significant challenges in developing ultrafiltration systems to achieve the
very high concentrations that will likely be required for future monoclonal antibody
formulations [17].
The overall objective of this thesis was to provide a fundamental understanding of
the key physical phenomena that control the filtrate flux during ultrafiltration of highly
concentrated monoclonal antibody solutions with the goal of developing a theoretical
framework that can predict the ultrafiltration behavior over the entire concentration range
of interest. The next few subsections summarize some of the key experimental and
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theoretical findings from these studies along with recommendations for future work in
this area.

9.2

Osmotic Pressure of Highly Concentrated Monoclonal Antibody
Solutions
The osmotic pressure of the highly concentrated antibody solutions that are

formed at the membrane surface during ultrafiltration can severely limit the filtrate flux
by reducing the effective pressure driving force. In addition, osmotic pressure data
provide a very attractive approach for evaluating the virial coefficients in a polynomial
expansion that describes the thermodynamics of these concentrated protein solutions.
Osmotic pressure data were obtained over a much wider range of protein
concentrations and solution conditions than has previously been reported using a highly
purified monoclonal antibody (provided by Amgen). The osmotic pressures at typical
formulation conditions (e.g., pH 5 and 10 mM ionic strength) are substantially larger than
those reported previously at higher pH and high ionic strength (Chapter 4). For example,
the osmotic pressure at pH 5 and 10 mM ionic strength for a 230 g/L of the antibody was
45 kPa compared to a value of only 6.9 kPa from Yousef et al. [98] for serum IgG at a
similar concentration but at pH 7.4 and 130 mM NaCl. These differences are likely due
to a combination of the differences between serum IgG, a mixture of thousands of
different antibodies have very different surface charge characteristics, and the
monoclonal antibody examined in this work along with the strong electrostatic repulsion
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that occurs at both low pH (away from the protein isoelectric point) and low ionic
strength.
The osmotic pressure data were used to calculate the second and third virial
coefficients after subtracting off the Donnan contribution arising from the unequal
partitioning of the salt between the two sides of the membrane caused by the charged
protein. The second virial coefficients determined from the osmotic pressure data were in
relatively good agreement with independent measurements using a modified selfinteraction chromatography method developed as part of this thesis to provide a more
accurate estimate of the B2 values based on results with a non-interacting dextran
(Chapter 5). Self-interaction chromatography is a very attractive method for rapidly
screening solution conditions to identify buffers / excipients with appropriate properties.
The second virial coefficients were all positive and increased at low pH and low ionic
strength due to the increase in intermolecular electrostatic repulsion. In contrast, the third
virial coefficients were negative (for all buffer conditions examined in this thesis), which
suggests that there are short-range attractive interactions in which local oppositely
charged regions of different antibodies interact with high geometric complementarity.
The data presented in this thesis provide the first extensive measurements of the third
virial coefficient for monoclonal antibodies, providing important insights into the
magnitude of these short range attractive interactions.
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9.3

Rheology of Highly Concentrated Monoclonal Antibody Solutions
The rheological behavior of highly concentrated protein solutions has often been

used to obtain insights into the magnitude of protein-protein interactions in these systems.
The viscosity was therefore measured over a wide range of buffer conditions using the
same antibody solutions used in the osmotic pressure experiments. The viscosity
increased dramatically with increasing antibody concentration, with the data welldescribed using the semi-empirical model developed by Ross and Minton [135].
In contrast to the osmotic pressure, the viscosity decreased with decreasing pH
(over the range from pH 5 to 7) and with decreasing salt concentration (at pH 5),
conditions that would be expected to lead to greater intermolecular electrostatic repulsion
between the proteins. The magnitude of the viscosity coefficient b was found to be wellcorrelated with the third osmotic virial coefficient, suggesting that the concentration
dependence of the antibody viscosity is governed primarily by short-range attractive
interactions, consistent with results in previous studies. The results presented in Chapter 6
provide the first evidence for a relationship between the viscosity of highly concentrated
protein solutions and the magnitude of the third osmotic virial coefficient (due largely to
the lack of available literature data for the third virial coefficient).
The addition of excipients such as proline, arginine, and sucrose had a complex
effect on the solution viscosity. The excipients increased the viscosity of the fluid phase,
leading to an increase in the viscosity of the antibody solution at low protein
concentrations. However, the excipients dramatically altered the extent of intermolecular
interactions, leading to a significant reduction in the viscosity at high antibody
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concentrations (consistent with previous reports in the literature). This behavior could not
be explained by changes in the osmotic virial coefficients; additional studies will be
required to determine the underlying physical phenomena controlling the rheological
behavior in the presence of different excipients.

9.4

Ultrafiltration Behavior
The ultrafiltration behavior of the monoclonal antibody was determined by the

properties of the buffer solution (pH, ionic strength, and excipients), the design of the
membrane module (spacer properties, fiber length), and the device operating conditions
(feed flow rate and antibody concentration). The data obtained in this thesis provide the
most extensive study of the filtrate flux during ultrafiltration of a highly purified
monoclonal antibody, with a particular focus on the behavior at very high protein
concentrations, approaching the concentration at which the filtrate flux decays to zero,
which defines the maximum achievable protein concentration for the ultrafiltration
system.
The filtrate flux was greatest at low pH and in low ionic strength solutions, in
screened modules, and in short hollow fibers, consistent with previous experimental
studies. More interestingly, the maximum achievable antibody concentration increased
with decreasing fiber length and decreasing feed flow rate, and it was significantly
greater in a 20 cm long hollow fiber module than in a screened cassette with similar
length. This increase in the maximum achievable protein concentration was a direct result
of the reduction in the pressure drop associated with flow through the module.
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The filtrate flux data were analyzed using a modified concentration polarization
model that includes: (1) the use of the chemical potential gradient as the appropriate
driving force for back diffusion within the concentration polarization boundary layer, (2)
the effects of solution viscosity on the protein mobility and in turn the protein diffusion
coefficient (via the Stokes-Einstein equation), (3) the effect of the solution viscosity on
the boundary layer thickness and in turn the mass transfer coefficient, and (4) the
contribution of back-filtration when the local transmembrane pressure drops below the
osmotic pressure difference across the membrane. Model calculations were in good
agreement with experimental data for the filtrate flux, properly describing the complex
variation of the slope, dJv/d(lnCb), as a function of the bulk protein concentration. In
addition, the model was able to accurately predict the increase in maximum achievable
antibody concentration with decreasing feed flow rate and decreasing fiber length, which
in both cases arises from the reduction in the extent of back-filtration due to the decrease
in pressure drop caused by the feed flow through the module. This is the first published
model to explicitly account for this back-filtration phenomenon during protein
ultrafiltration.

9.5

Recommendations
The results presented in this thesis provide important insights into the key

physical phenomena governing the ultrafiltration behavior of highly concentrated protein
solutions. However, there are a number of important areas which would benefit from
additional experimental and theoretical investigations.
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First, all of the experimental data presented in this thesis were obtained using a
single model monoclonal antibody provided by Amgen. It would be very desirable to
extend this work to study the physical properties (osmotic pressure, virial coefficients,
and viscosity) and ultrafiltration behavior of other monoclonal antibodies to determine
the generalizability of the results obtained in this work. These studies could also shed
light on the role of the antibody properties, e.g., the isoelectric point and net protein
charge, on both the physical properties and ultrafiltration behavior of highly concentrated
monoclonal antibody solutions. These data could be invaluable in developing initial
estimates of antibody properties and in obtaining early identification of antibody
molecules that may create unique challenges for downstream processing and final
formulation.
It would also be highly desirable to extend the osmotic pressure measurements up
to even higher antibody concentrations. This would provide more accurate values of the
second and third virial coefficients, and it might even be possible to obtain initial
estimates for the fourth virial coefficient. In addition, osmotic pressure data at higher
protein concentrations would make it possible to more accurately estimate the wall
concentration, which is determined by the equality between the applied transmembrane
pressure and the osmotic pressure difference across the membrane. As mentioned
previously, all of the third virial coefficients obtained in this work were negative, which
corresponds to attractive short range electrostatic interactions even at buffer conditions
where we would have anticipated strong electrostatic repulsion (as seen in the large
positive values of B2). Future studies with other monoclonal antibodies / proteins will
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help better understand these short range electrostatic interactions and their effects on
solution physiochemical properties.
The results presented in this thesis are the first experimental data to show the
direct correlation between solution viscosity and short range electrostatic interactions
which are estimated using third virial coefficients. It would be very interesting to confirm
this direct correlation by conducting the viscosity and third virial coefficient
measurements using other monoclonal antibodies. Such investigation would also help to
better understand the effect of antibody properties on third virial coefficient and solution
viscosity and to further determine the key structural properties controlling the rheological
behavior of monoclonal antibody solutions.
Although the experimental results presented in Chapter 7 provide important
insights into the ultrafiltration behavior of highly concentrated antibody solutions, it was
difficult to accurately evaluate the slope values by numerical differentiation of the filtrate
flux data due to the limited number of data points. Thus, it would be very useful to
perform ultrafiltration experiments over a broader range of concentrations, with a
particular focus on the behavior at low to moderate concentrations (e.g., from 1- 50 g/L)
and at very high concentrations (e.g., from 150 – 250 g/L). Data points should be taken
at short time intervals to minimize the potential errors in evaluating the slope by
numerical differentiation. These data would provide important insights into the behavior
of the slope plot over the full concentration range, including the local maximum around
50 g/L and the local minimum around 170 g/L.
The experimental studies described in this thesis focused on bulk mass transport
within the concentration polarization boundary layer in the pressure-independent regime.
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However, there are a number of other phenomena which can be important in
ultrafiltration processes. In particular, future studies should examine membrane fouling
during ultrafiltration of highly concentrated monoclonal antibody solutions, including the
effects of device operating conditions and membrane properties (e.g., regenerated
cellulose versus polyethersulfone versus novel electrically-charged membranes that have
been shown to have very low fouling behavior). These studies should also provide a more
detailed analysis of protein retention – the 30 kDa Ultracel membranes used in the current
work were highly retentive to the monoclonal antibody (>99.5%), but even this small
degree of protein leakage can become problematic in diafiltration (buffer exchange) due
to the large volumes of filtrate that must be processed. It would also be interesting to
examine the performance of the ultrafiltration systems at lower transmembrane pressures
which are of interest in applications of high performance tangential flow filtration [33].
It would also be very interesting to extend the experimental studies to consider a
much wider range of excipients used in the biotechnology industry to improve protein
stability. This would include other sugars (like trehalose), sugar alcohols (like mannitol),
and surfactants (like Polysorbate 80). Experimental studies should focus on the effects of
these excipients on both the underlying physical properties of the monoclonal antibody
(e.g., osmotic pressure, virial coefficients, and solution viscosity) as well as the
ultrafiltration flux. The goal of these studies would be to identify excipients that can
significantly improve the ultrafiltration behavior, e.g., by reducing the solution viscosity
to a degree that eliminates back-filtration so that much higher antibody concentrations
can be achieved during ultrafiltration.
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The model calculations presented in Chapter 7 clearly indicate that the use of very
short ultrafiltration modules would reduce the extent of back-filtration by reducing the
pressure drop associated with feed flow through the module. It would be very interesting
to confirm this experimentally by using modules with much shorter path length than
current commercial modules (which are all on the order of 20 cm or more in length).
This could be done using hollow fiber modules in which the individual fibers are potted
by hand in custom cartridges or in small “plate-and-frame” modules with very short path
length. It would also be very interesting to examine the behavior of non-traditional
modules that operate without any significant pressure losses, e.g., the rotating cylinder
(Couette) flow modules or the rotating disk modules (sold commercially under the
tradename VSep).
A number of other approaches could also be examined to reduce the extent of
back-filtration and thus increase the maximum achievable protein concentration. For
example, the data obtained in Chapter 7 show that the use of low feed flow rates reduces
back-filtration, although this also reduces the mass transfer coefficient and thus the
filtrate flux. It might be possible to design an ultrafiltration process in which the feed
flow rate changes during the process to maximize the flux (for more dilute solutions)
while minimizing back-filtration (for more concentrated solutions).
Another approach for reducing back-filtration would be to use a co-flow
configuration in which some of the filtrate is recirculated on the permeate-side of the
membrane to generate a pressure drop that approximately balances the pressure losses in
the feed channel. The magnitude of the recirculation flow would need to increase with
increasing feed concentration to accommodate the increase in solution viscosity. The net
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result would be a nearly uniform transmembrane pressure throughout the membrane
module, with no back-filtration even at high feed concentrations.
Another approach that might be worth considering would be to use a two-step
process in which the protein solution is first concentrated in a screened module (up to
close to the maximum achievable concentration) and then transferred to a hollow fiber
module to achieve the final desired concentration. This would take advantage of the high
mass transfer coefficients (and thus high filtrate flux) in the screened channel with the
very high formulation concentration achieved in the hollow fiber module due to its much
lower axial pressure drop.
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